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Besides energy production, the fast breeder produces fissile 
material by a so-called breeding process, by converting the 
thermally non-fissile U-238 by neutron capture into fissile 
plutonium Pu-239 and Pu-241. 


Because of the compact core construction, the power density in 
a fast breeder core is higher (by a factor of around 5) than 
that of a LWR. This requires a coolant with particularly good 


heat transfer properties. 


One material which meets these requirements is liquid sodium 
(Na). The fast breeder reactor, therefore, is very often 
referred to asliquid metal cooled, fast breeder (LMFBR). 
However, sodium is not chemically inactive. It reacts exother- 
mically with air and water. For this reason a number of 
Special safety aspects have to be considered; for example, an 


additional circuit, also with sodium (Na) as coolant, is 


usually installed between the primary (core) circuit and steam 


circuit (see figure 3.5). 
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Figure 3.5: Block Diagram of a LMFBR (SNR-300, Kalkar,Germany) 





The major advantage of an LMFBR comes from its ability 
to "breed" fissile material from the non-fissile U-238. 


While the light water reactor requires enriched 
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uranium and exploits only up to 10$ of the invested fuel, the 
breeder can initially be fuelled with plutonium discharged 
rrom light water reactors, together with depleted uranium 


from the enrichment facility,as breeding material. With a breed- 


ing rate higher than one,the fast breeder reactor then creates 
more fissile material from the depleted uranium than it requires 
for its subsequent replacement loadings. The breeder thus has 
the advantage of using uranium reserves much more effectively 
than the LWR. 


3.4.2 Characterization Summary 





The project participants provided 4 characterizations of fast 
breeder reactors for this report. They are (country names in 
brackets): 


(1) Liquid Metal Fast Breeder (Belgium) 
Super Phënix reactor (France). 


Base load power plant. 


Liquid Metal Fast Breeder (Germany) 
Super Phénix concept. Base load power plant, equipped with 


evaporative cooling towers. 


Liquid Met: l Fast Breeder (Japan) 
Base load power plant. 


Liquid Metal Fast Breeder (U.S.A.) 
Base load power plant, equipped with natural draft evapora- 


tive cooling towers. 





TABLE 3.7 - Technical and Economic Key Data of Fast Breeder Reactors 
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Notes 


(1) TABLE 3.8 - Uncertainty Ranges of Data Entries 
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Overall Efficiency 


First Commercial 
(Average load) 


Service Year 
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Total Capital Cost 
Fixed O&M Cost 
Variable O&M Cost 
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Capacity Factor 








oe 
oe 








Belgium Total Capital Cost 1807 1529 2085 %/kWe 
Fixed O&M Cost 34.36 29.12 39.73 g /kWe 
Capacity Factor 80 70 80 % 

U.S.A. Overa11 Efficiency 34 32 36 $ 
Total Capital Cost 1750 1500 2100 $/kWe 
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Assessors 





Belgium:- Hecq, St., Voie du Roman Pays, B-1348 Lcuvain-La- 
Germany:- Müller, M., KFA/STE, Postbox 1913, D-5170 Jülich 

Japan:- Otake, 
U.S.A.:- Bhagat, N., NCAES, Brookhaven National Laboratory, 


NY 11973 


(2) The total operating and maintenance cost of the breeder 


reactors are summarized in the table 3.9. They are 
expressed as variable O&M cost (unit: 2/GJe). The conver- 
sion from fixed and variable O&M cost to total O&M cost has 
been made under the assumption that the reactors operate 


at the capacity factor given in the summary table. 


TABLE 3.9 - Total Operating and Maintenance Cost 











Country Total O&M Cost ($/GJe) 
Belgium 1.56 
Germany 2.42 
Japan 2.83 
U.S.A. 2.14 
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3.5 Nuclear Fuel Cycle 





3.5.1 The Uranium Resource 





Uranium is an element and it occurs in nature as a compound. 
About 95 per cent of the uranium is in the form of uranium 
oxide (uraninite or pitchblende). Most of the remaining five 
per cent occurs as uranium hydrons silicate compounds (known as 
coffinite) or potassium uranium vanadate (known as curnotite). 
Uranium consists of three naturally occuring isotopes in the 
following proportions: 99.29 per cent U-238, O.71 per cent 
U-235 and a trace of U-234. 


Although uranium occurs more often on earth (2.7 ppm!) than, for 


example, silver (0.07 ppm) or gold (0.004 ppm), deposits with an 
uranium concentration in the range of parts ver hundred are very 
scarce. This results from the high chemical reactivity of uranium: 


frequent solution and precipitation during the course of earth's 


history has led to a (nearly) world wide dispersion of the original 


uranium concentrations. 


About 180 minerals consisting mainly of uranium exist on earth. 
Among the multitude of deposits, however, three major groups can 


be distinguished: 


- petrified rivers 
- veins 


- ancient conglomerates. 


Ancient conglomerates are old stream channel denosits that were 
formed more than one-half million years ago. The difference 
between petrified rivers and veins is that the host sandstone 
containing the uranium lies horizontally in the first and 


vertically in the second. 





1 
ppm = parts per million 


.5.2 Exploration 





xploration for uranium divides into three principle phases: 


- preliminary investigations 
- detailed geological studies 
- detailed physical exploration 


"he objective of the preliminary investigation is to identify 
iranium host rocks, usually sandstone, in a larger region. For 
this purpose, many data are obtained from available reports 

and aerial photographs and reviewed. The detailed geological 
study then includes all or some of the following activities: 
surface mapping, sampling, preparing subsurface maps and per- 
forming geochemical, geophysical and aerial surveys. Although 
these activities generally parallel those used in prospecting 
for other minerals, some uranium prospecting techniques rely on 
the ore's radioactivity to aid in its location. The uranium in 
the ore emits gamma rays which can be detected, e.g. by Geiger- 
Müller tubes (Geiger counters) or scintillometers. This so- 
called radiometric prospecting is most effective in locating 
uranium deposits that are older and close to the surfac2. Where 
the deposit is recent or where there is a thick overburden, 
however, it is less reliable. Additionally, such prospecting 
sometimes picks up radiation from thorium and potassium rather 
than uranium. Therefore, deposits found by radiometric prospec- 
ting must be confirmed by other geophysical or ceochemical 
techniques. Another prospecting method involves monitoring for 
radon gas. Radon gas is a radioactive gas naturally produced from 
uranium. It can be identified either by scintillometers or bv 


sensitive film. 


The final phase of exploration involves drilling into the suspected 
ore deposit. It is usually done with rotary or pneumatic percus- 
sion equipment. Drilling allows two types of final assessments: 
scintillometer measurements at various depths in the bore hole 

and geochemical analyses of the material brought to the surface. 


Data from these two measures are correlated to determine uranium 


concentrations at various depths (3.1). 


3.5.3 From Uranium Ore to Yellow Cake 





The first production step that the uranium undergoes on its 

way to nuclear fuel is the mining of the ore and the subsequent 
conversion to a compound rich in uranium oxide termed "yellow 
cake" (uranium content of about 70 per cent). As the ore in 

the deposit contains only 0.05 to 0.2 per cent uranium, consi- 
derable amounts of ore have to be processed. For this reason 
mining and yellow cake processing takes place at the same loca- 
tion as a transportation of the ore to a central yellow cake 


plant would be too costly. 


Uranium ores are mined in open pit mines as well as in underground 
mines. The decision as to which mining technique is chosen 


depends upon depth, size, assay and host formation of the ore 


body. 


The subsequent yellow cake production (also termed "milling") con- 


sists of the following process sub-steps: 


Crushing and grinding: The basic purpose of this step is 
to reduce the particle size so that reaction can be accom- 


plished more rapidly. 


Leaching: After the physical grinding, the uranium minerals 
are dissolved (or "leached") from the host rock, the type 

of chemical used in this process is determined by the com- 
position of the uranium in the ore and by the other minerals 
present. The two primary leachina agents are sulphuric 

acid and either sodium carbonate or sodium bicarbonate. 

Most of the yellow cake is produced usinq the cheaper pro- 


cess with sulphuric acid as leaching agent. 


Washing (Separation): Regardless of the leaching method, 
the leached solution is then "washed" with water to remove 


the sand and slime. 


4. Purification: Uranium is separated from all the other 
leached minerals by passinc the washed solution through 
a "purification" step. The purification process selectively 
removes the uranium from the water solution and leaves the 


unwanted metals in the solution. 


Precipitation: The purified product then enters a precipitation 
stage where ammonia, air, and heat are used to produce an 


insoluble form of uranium. 


Separation: The solution containing suspended uranium particles 
passes to a thickener and the resulting product from the 


thickener, yellow cake, is washed and dried. 


The final product, yellow cake, is (as already mentioned) a 
uranate or a compound of different uranates with uranium concen- 
trations between 70 and 75 per cent. In order to facilitate a 
comparison of the different products with regard to their 
uranium concentration, the stable oxide of uranium, the U, g^ 
has been chosen as a standard. Note, however, that yellow 

cake is not the same as U40g- Yellow cake is a compound that 
meets certain technical purity specifications in order to be 


suited for the subsequent fluorination process. 


The following table summarizes technical and economic data of 

a uranium mill, which produces yellow cake with a concentra- 

tion of 75 per cent U408 from uranium ore containing O.2 per cent 
U 40g- The data have been provided by the American project 


participant. 
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TABLE 3.10 - Technical and Economic Data of a Uranium Mill 





fluorine, which has only one isotope (F19) and is chemically 
and is thermally stable, under normal processing conditions. 





At present two processes of producing UF ç are being used: the 
dry hydrofluor process and the wet solvent extraction-fluorina- 


tion process. Common steps of the two processes are the hydro- 
fluorination (UO. reacts with HF to produce uranium tetrafluor- 
ide UF,) and the fluorination (UF, reacts with fluorine gas (F5) 
to produce UF). In essence, the processes differ at the point 


Maximum Annual 
Availability 
Total Capital 


Throughput 
Cost 


Fixed O&M 


Capacity 
(Yellow Cake) 
Annual Ore 

Capacity 

Factor 
Cost 
Variable 
O&M Cost 
Economic 
Lifetime 


Output 





Unit 


ct 
k. 
< 
a! 
et 
"sa 
k 
r$ 
oe 
oe 


 S/(t/yr) S/(t/yr)) #/t 


E 


where impurities are removed. The dry method produces the gas, 


then removes the impurities by distillation. The wet technique 





885 299000 90 90 16200 1150 8110 30 ^o. removes impurities from the yellow cake before the gas is made. 
Figures 3.6 and 3.7 show the respective processes. 
































For the Energy Technology Systems Analysis Project two charac- 





terizations of the wet solvent extraction-fluorination process 
à (also termed refining-fluorination process) have been provided. 
)SSessor E Table 3.11 summarizes the substantial technical and economic 


data of the systems and compares them with data of a dry hydro- 





J.S.A.:- Bhagat, N., NCAES, Brookhaven National Laboratory, z : fluor process. 


Upton, NY 11973. 
TABLE 3.11 - Technical and Economic Data of the Fluoriration Process 





|i.5.4 The Fluorination Process 





n the fluorination process the uranium in the yellow cake is 





'onverted to uranium hexafluoride (UF). The purpose of this 
process step is to produce a compound for the subsequent enrich- 


ent step that 


- is gaseous at as low a temperature as possible, as all 


Design Capacity 
First Commercial 
Service Year 
Variable O&M Cost 
Econamic Lifetime 


Yellow Cake 

Input per year 

Capacity Factor 
tal Capital 
t 


To 
Cos 


enrichment techniques are based on a gaseous process 





medium, 


- does not contain other compounds whose molecular weight is Unit $/ (tU/yr)| $/(tU/yr) 





close to that of the uranium isotope compounds, as this E Refining- 15930 1870 
a Fluorination 
Process 12900 1420 








would interfere with the uranium enrichment, 





- is chemically and thermally stable. 


Hydroflour 
"s 12O6O 1050 






































lranium hexafluoride largely fulfills these conditions. It sublimes 


inder normal pressure already at 56.5°C, solely contains the element | 
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Figure 3.6: Dry Hydrofiuor Process 
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Figure 3.7: Wet Solvent-Extraction Fluorination Process 





Assessors 





Japan:- Wakabayashi, S., PNC, Tokyo, Japan 
U.S.A.:- Bhagat, N., NCAES, Brookhaven National Laboratory, 
Upton, NY 11973 


Uncertainty ranges were not specified except in the Japan- 
ese characterization where for the total capital cost 
23650 $/(tU/yr)) has been given as another possible esti- 


mate of the required investments. 


Design Capacity 





In the Japanese characterization the design capacity was 


expressed as input capacity (3600 tU/yr yellow cake). 





In the summary table, however, the capacity is defined as 


Output related value! Therefore, the UF, output of the 





refining fluorination plant (3582 th/yr, which corresponds 
to 3600 tU/yr yellow cake input) has been taken as design 


Capacity. 


3.5.5. Basics of Uranium Enrichment 





Uranium hexafluoride, the end product of the fluorination pro- 
cess, is a mixture of U-238 and U-235 Fee The concentration of 

the U-235 isotope in the UF, compound is 0.71 wt % (as in 

natural uranium). The purpose of the enrichment process is to 
partially separate the two chemically similar gases, and 

produce uranium hexafluoride with a higher concentration of the 
fissile U-235 than is contained in natural uranium. As already 
mentioned, both compounds U-235 Fe and U-238 F. react the same 
chemically, they do, however, differ in atomic weight. Therefore, 
physical methods makinc use of the weight difference are currently 


applied in enrichment technologv. 
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At present, three uranium enrichment pr 
operational. The gaseous diffusion proc 
fuge process and the nozzle process. Ot 
laser enrichment, uranium plasma separa 
reaction processes are still under deve 
the gaseous diffusion and ultracentrifu 


below together with their characterisat 
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her techniques, like 

tion or chemical exchange 
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3.5.6 The Gaseous Diffusion Process 





The gaseous diffusion process (Figure 3.8{a)) is based on the 
physical principle that gaseous molecules differing in weight 
move with different velocities (Brownian movement). If a 
gaseous stream now flows by a porous wall or membrane, the 
lighter molecules pass through the membrane at a higher rate 


than the heavier ones. 


The gas flows through a system of pipes with porous sides 
which function as diffusion membranes. Porosity, side surfaces, 
pressure differences, etc. are designed in such a way that 
about half of the stream fed to a stage diffuses through the 
membranes and, as enriched product gas, can be pumped to the 


next diffusion stage. 


Uranium hexafluoride consists of U-238 F. and U-235 Fe and 

there is a weight difference between these two molecules. A 
high pressure feed stream of UF ç passing over a membrane is 

made to separate into two outgoing streams of UFe one which 
has diffused through the membrane and contains a higher per- 
centage of the lighter U-235 F. 
The other which has passed over the membrane has been depleted 


of U-235 Fee 


than the input feed stream. 


However, the weicht difference between the U-235 Fe and the 


U-2 38 Fe molecules is only marginal. Therefore, the theoretical 
separation factor obtainable by diffusion is very small. A 3 % 
enrichment of natural uranium requires approximately 1200 sepa- 
ration stages which are connected in series to form a separation 
cascade. The UF, gaseous stream is pumped from stage to stage 
by axial-flow compressors. After compression the gas passes 


through a heat exchanger to be cooled down. 





3.5.7 The Ultracertrifuge Process (1) 





The most obvious process for separating components of different 
weights is the centrifuge process. Isotope senaration by centri- 


fuging was demonstrated fifty years ago. | (2) 


A gas centrifuge of modern technology (figure 3.8(b)) consists of 

an electrically-driven motor, the whole centrifuge rests on a 

needle bearinc and it is held upright by an upper magnetic bearing. i (3) 
Gaseous uranium hexafluoride is injected into the rotor close by 

the rotor axis. The centrifuqal force generated by rotation causes 

the heavier U-238 F. molecules to drift outwards at a higher rate 

than the lighter U-235 F. 


the rotor ends combined with a temperature gradient along the rotor 


molecules. Unequal flow resistances at 


causes an axial movement of the cas stream so that it flows down- 
wards close to the rotor axis and flows uowards at the rotor walls. 
This "counter-current" action amplifies the isotopic separation in 
the centrifuge with the light U-235 components building up at the 
rotor bottom, while the heavier U-238 concentrates at the rotor top. 
The enriched product stream is tapped from the rotor bottom and the 


depleted waste stream is tapped from the top. 


The operation of the centrifuge produces a pressure gradient between 
gas inlet and gas outlets which is high enough to overate a centri- 
fuge cascade without additional pumps and compressors. The "separa- 


tive work" of a centrifuge increases by the fourth power of the 
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Centrifuge Enrichment Plant (Japan) 
Proposed system for the production of low-level,eniiched 


uranium hexafluoride. 


Centrifuge Enrichment Plant (U.S.A) 
Proposed system for the production of low-level,enriched 


uranium hexafluoride 


Centrifuge Enrichment Plant (Netherlands) 

The Dutch characterization describes a 1000 t SWU/yr 
commercial plant which is to be built in Almelo (Nether- 
lands)..A similar plant is at present under construction at 
Capenhurst (U.K.) and a third one will be built in Gronau 
(West Germany). The enrichment plants are designed and 
constructed by CENTEC and will be operated by URENCO which 
already operates two 200 t SWU/yr demonstration plants 
located at Almelo and Capenhurst. 

German, Dutch and British companies have a share of one 
third each in both CENTEC and URENCO. They intend to 
install and to operate an enrichment capacity totalling 
2500 t SWU/yr by 1985 and 7500 t SWU/yr by 1990 in the 


three countries. 


TABLE 3.12 - Technical and Economic Data of the Centrifuge 





Enrichment Process 





























rotor periphal velocity and is approximately proportional to the > 

rotor length. For this reason the centrifuge rotors are desioned as Inputs Output = 

long cylindrical bodies made from materials with a high strength to 4 ; " 3 : . 8 E 

weight ratio (e.g. high strength aluminium, fibre-reinforced mate- is : : > ^n ; : 3 Š š : 

rials, maraginc steels). The rotors are operated in a vacuum in order $ š š Ë y - s Ë Ë 8 * š v 

pem w-— 22 G 

to minimize friction losses. T i B 3 " E 3 Ë E š š š : : . 

In the following table are the summarized technical and economical me ” "Ë "` vd Se: P3 = va v v EU EE S ns 

characteristics of three centrifuge enrichment plants. These are | : Japan 330| 3 | 0.2 |4200| 2.02 | 0.824 | 761) 3420) 90 | 99 | 622 00| 16 000 |17 00] BS. 

(country name in brackets): ' U.S.A. |1992 | 6000| 3 | 0.2 |7640| 3.67 | 1.5 | 1380| 6220] 90 | 90 | 519 000 13 300 | 17 ooo | 15 
p" 1985 | 1000 |2.8| 0.25 |1610| 0.58 | - 290 | 1320| 97 |97 | 625 OOO | 24 990 " 
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Assessor (4) Total Capital Cost 

































































mass of the product stream The yellow ADU slurry is concentrated by centrifuging or Thre 
Japan : - Yasukawa, S., JAERI, Tokyo, Japan As already mentioned in the svstem description, the construction filtering. have 
U.S.A.: - Bhagat, N., NCAES, Brookhaven National Laboratory, mass of the tail stream of the 1000 t SWU/yr commercial enrichment plant is part of a 
Upton, NY 11973 common project of Dutch, British and German companies. The ADU is then thermally converted to U,0, (calcined) in a (1) 
Netherlands: - Kram, T., ESC, Petten The technical feasibility of the centrifuge enrichment has been fluidized bed furnace. 
: demonstrated since 1973 in a 45 t SWU/yr test facility at x (2) 
Notes | Almelo and since 1977 in twc 200 t SWU/yr demonstration plants i The U0, is heated in a hydrogen atmosphere at about 550°C 
x TABLE 3.13 - Uncertainty Ranges at Almelo and at Capenhurst. The specific investment costs of to form Uo,. | 
(1) Units j these facilities have been: | (3) 
In a second stage of the fuel assembly fabrication, the UO, 
tSWU - a tonne separative work unit (Note that the term SWU S 10% Probability of Being | test facility (45 t SWU/yr): 2.108 g/(t SWU/yr) | powder is mechanically processed into fuel pellets and finally 
implies a kilogram separative work unit) Median Value Iess Than | Greater Than ; demonstration plan (200 t SWU/yr): 890 OOO $/(t SWU/yr) inserted into claddings. The seven steps of this mechanical 
m processing stage are: 
The specific separative work of an enrichment plant, i.e. de em 1992 1990 1995 The investment costs for the 1000 t SWU/yr commercial plant are | | TABLE 
the separative work required for the production of 1 kg of | Total Capital $25 ono 342 dà $/ e/i) estimated at 625 OOO $/(t SWU/yr). A further expansion of the 1. Grind the Uo, powder to reduce the particle size. 
enriched uranium, is calculated according to the following I Cost commercial plant to a capacity of 2OOO t SWU/yr after 1985 is asi 
formula: | Fixed O&M Cost 16 OOO 16 OOO $/ (tSWU/yr) | expected to cost 440 OOO $/(t SWU/yr). Press the powder into pellets. 
V(x,) + £ V(x.) - Ë V (x) x EST o. 17 000 7 i | | 
E E T P | — the pellets in a furnace at temperatures of more than š 
V(x.) - V(x4J) + c (V(x4J) - V(x,)) 3.5.8 Fabrication of LWR Fuel x 1700-C, to produce material of the required density and strength. E 
(3) Design Capacity and Specific Costs Source material for the fabrication of the LWR fuel assemblies Grind the hard pellets to specified dimensions (approximate x L 
| is enriched uranium hexafluoride. It i$ delivered from the = dimensions of the pellets: 12 mm in diameter, 25 mm in length; Belgii 
Design capacity and specific costs of the systems have been enrichment factory and has to be converted to uranium dioxide. accuracy: + 10 to + 25 um in diameter. x 
U-235 concentration (by molecular fraction) in the input x "as ÉÉÉÉÓOU mnm | | bar le mo Gas. —À r "e ~~ woa conversion is a wet x on 
stream. i 1 process that involves an intermediate ammonium diuranate (ADU) | Wash and dry the pellets. | [U-S-A 








compound. The process (termed ADU-pvrocess) consists essentially 


of 6 steps: Load the pellets into the cladding and seal the ends of the tubes. 
U-235 concentration of the output product (enriched) stream. 


1. The UF,, received as a frozen solid, is vapourized by heating it 7. Form a fuel assembly from a number of tubes. 


U-235 concentration of the output tail (depleted) stream. e 
to about 100 C. 


Figure 3.9 shows a block diagram of the LWR fuel fabrication process, 

mass of the input stream (a kilogram in terms of the 
ee * | The vanourised UF 
definition of a SWU i E E 6 


is reacted with water to form UO, Rais employing the ADU-process for the UF; to UO, conversion. 


. Ammonia, carbon dioxide,and water are used to convert the 


UO, F into ADU ( (NH4) , (UO. (CO,) 4) P 
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orocessing Plant (U.S.A.) 
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.20 summarizes the data of both waste storage facility 
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Assessors 





Belgium:- Hecq, St., Voie du roman pays, 34; B-1348 Louvaine- 
La-Neuve 

Japan:- Yasukawa, S., JAERI, Tokyo, Japan 

U.S.A.:- Bhagat, N., NCAES, Brookhaven National Laboratory, 
Upton, NY 11973 





The Belgian system does not contain the UF; to UO, conversion 


Stage. 


Cost Figures 





The cost figures for the Japanese LWR fuel fabrication plant 
are significantly higher than those of the similar American 
system, and also higher than those of an already existing 
plant in Japan. This is due to the assessor's expectations of 
increasing material costs. For comparison, table 3.15 shows 


the economic data for the existing Japanese LWR fuel factory. 


TABLE 3.15 - Cost Data of an Existing Japanese LWR Fuel Factory 








Item Unit 





Construction Cost 2/ (tU/yr) 
Total Capital Cost $/(tU/yr) 
Fixed O&M Cost $/ (tU/yr) 
Variable O&M Cost :$/ (tU/yr) 











3) Uncertainty ranges were not specified. 


3.5.9 High Temperature Reactor Fuel Fabrication 





As already déscribed in section 3.3 of this report, most of the 
applicable fuel cycles for the high temperature reactor (HTR) 
involve the element thorium (Th-232 )as breeding material. 
Thorium is a heavy, silvery metal. Estimates of its content in 
the earth's crust range from 5 to 13 part per million (ppm) with 
the element widely distributed in small quantities. Thorium 
occurs naturally in a variety of chemical forms, the most common 


of which are ThPO, (the chemical form found in monazite), Th O^ 


4 


and thorite (Th Si O,)- Thorium is obtained from three main 


sources: 


monazite, a mixture of rare metals often found in sand 


or gravel deposits 
as by-product of uranium mining 
veins containing thorite. 


In the past the exploration for thorium resources has been mini- 
mal because the thorium available as a by- oduct from uranium 
and titanium mining has been sufficient to meet the small demand. 
In general, thorium exploration techniques are similar to those 


applied for uranium as described in section 3.5.2. 


These methods rely in the main on the radioactivity of the thorium; 


also, more traditional methods are appiied for examination and 


sampling. 


In thorium mining, different techniques are applied, depending on 
whether the thorium is obtained from thorite veins or monazite 
deposits. The extraction of thorite will generally be done by 
conventional mining techniques, either open cast or underground. 
The water -insoluble monazite,on the other hand, accumulates with 
other minerals on river bottoms or ocean beaches. In these 
deposits, placer mining methods are normally applied. In essence, 


the materia! is simply gathered by shovel, draalirne or dredge. 
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In a next step, the mined thorium ore is converted to thorium 
dioxide. This process normaily includes a series of chemical 
treatments that start by dissolving the thorium and other remain- 
ing materials in acid. Through solvent extraction the thorium 
(in form of thorium nitrate) is then separated from other mater- 
ials. The final step involves milling the thorium nitrate to 
produce Th O5. 
As already noted in section 3.3.1, there exists a great variety 
cf possible HTR nuclear fuel cycles. All of them, except the 

low enriched cycle, involve thorium dioxide as the breeding 
material. The decision as to which of these fuel cycle concepts 
are finally adopted for high temperature reactors is mainly 
influenced by political restrictions in the respective countries. 
For this reason it is at present not possible to give any 


generally accepted statementabout the final nuclear HTR fuel 


supply. 


The intentions of those IEA-ETSAP participants who supplied 


characterisations, can be summarized as follos: 


Japan will apply the low enriched uranium fuel cycle for its 
VHTGR. 


In Germany and the United States the hiqh temperature reactors 


are fuelled with high enriched nuclear fuel, involving thorium, 


U-235 and re-cycled U-233 as breeding respectively fissioning 


material. 


However, there exist essential differences in the HTR fuel fabrica- 


tion processes in Germany and the United States. In Germany, 

two different fuel concepts have been developed: the so-called 
one-particle concept, involving mixed oxide Th/U particles; 

and the two-particle concept with separate uranium burn-up and 
thorium breeding particles. The particles are coated by a series 
of pyrocarbon layers and, if need be, by an additional SiC-layer, 
to provide improved containment of fission products. The coating 
of the particles with pyrolytic carbon (BISO) and the additional 


SiC barrier (TRISO) is done in a fluidized bed furnace at tempera- 
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tures around 2000°C. Subsequently the fu 
to spherical fuel elements about 60 mm di 
a fuel zone 50 mm diameter and a fuel fre 


5 mm tickness. 


In the American HTR fuel concept, the U-2 
re-cycled U-233 are formed into two other 
one TRISO-particle containing pure U-235 | 
containing a combination of thorium and U 
the two types of microspheres then are bl 
poured into molds with a carbonaceous 'bi: 
pellets (also termed fue! rods) are posit. 
graphite blocks. Approximately 2000 fuel 


a single fuel element. 


A characterization of the American HTR fu 
has béen submitted for this report. Feeds: 
thorium nitrate and uranium hexafluoride. 
calcination, coating, blending, preparati: 
into graphite fuel elements, and heat con 


technical and economic data are presented 


TABLE 3.16 - Technical and Economic Data í 





Fabrication Process 
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Assessor 





Bhagat, N., NCAES, Brookhaven National Lal 
U.S.A. 
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el particles are pressed 
ameter, consisting of 


e cuter zone of 


35, thorium and the 

t'pes of microspheres, 
and one BISO- particle 
-233. To form pellets, 
ended together and 

nder'. Finally, these 
ioned in holes of machined 
rods are needed to fill 


>l fabrication process 

tocks for the process are 
The process includes 

on of fuel rods, loading 

litioning. The essential 
below, in table 3.16. 


of the American HTR Fuel 
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80,000 | 54,000 80,000 








oratory, Upton, NY 11973, 


3.5.10 Fabrication of Mixed Plutonium Oxide/Uranium Oxide 





In this fuél, the fissile plutonium isotopes Pu-239 and Pu-241 
replace the fissile U-235 of the pure uranium fuel. The 
plutonium has to be mixed with the uranium as homogenously as 


the uranium isotopes U-235 and U-238 in pure uranium fuel. 


Basically there exists two techniques for the fabrication of 


uranium/plutonium fuel: 
- mechanical mixing of UO, and PuO, powders, 


- co-precipitation of uranium and plutonium from solutions and 


subsequent conversion to oxide. 


The co-precipitation process has a tendency to produce non- 
homogeneities,hence the mechanical mixing process is preferred 

at present. The fuel powder produced (fissile material concen- 
tration: 2-4 $) is then pressed to pellets which, after sintering 
and grinding, are filled into stainless steel cladding tubes. 
Although the mixed oxide fuel fabrication employs the same produc- 
tion techniques as the uranium fuel fabrication, safety regula- 
tions are much more stringent. This is due to the high radio- 
toxicity of the plutonium which requires a special containment 


whenever plutonium is handled. 


Fuel containing plutonium is mainly needed for the fast breeder 
reactor system which has been discussed in section 3.4. As 
described there, the breeder fuel consists of two different types 
of fuel elements; the element containing UO, and Pu O, is used 

in the reactor core; the other element containing. depleted uranium 


from the enrichment factories is used in the blanket. The fabri- 


cation of the UO, /Pu 0, mixed oxide fuel elements has been des- 


cribed above. The production of the blanket elements involves 


both chemical and mechanical processing and is similar to the fuel 
fabrication process described in section 3.5.9. The depleted UF; 


is converted to UO, by successive reactions using water and 


2 
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ammonia. The product of these reactions is heated to a high 
temperature to produce the UO, powder. Processing the UO, into 
fuel pellets follows the same process as that for mixed oxide 


powder. 


Four characterizations of plutonium mixed oxide fuel fabrication 
plants have been supplied. One describes a plant producing ATR 
fuel, the others deal with the production of LMFBR fuel 
assemblies. The following systems have been characterized 
(country name in brackets): 


(1) ATR Mixed Oxide Fuel Fabrication (Japan) 

(2) LMFBR Mixed Oxide Fuel Fabrication (Belgium) 
(3) LMFBR Mixed Oxide Fuel Fabrication (Japan) 
(4) LMFBR Mixed Oxide Fuel Fabrication (U.S.A.) 


TABLE 3.17 - Technical and Economic Data of Plutonium MOX Fuel 





Fabrication Plant 





Assessors 











Design Capacity 
First Commercial 
imum Annual 


Service Year 
Total Capital Cost 


Electricity 


Japan:- Beguchi, M., PNC, Tokyo 


Belgium:- Hecq, St., Voie du roman pays, 34, B-1348 Louvaine, 


La-Neuve 


U.S.A.:- Bhagat, N., NCAES, Brookhaven National Laboratory, 
Upton, NY 11973 


Notes 





(1) Input 





The exact input of the American LMFBR fuel production plant 


consists of 


- 245 


t/yr uranium hexafluoride (UF) 


- 24,5 t/yr plutonium oxide (UF) 


TABLE 3.18 - Uncertainty Ranges 








10$ Probability 
of Being 
Value Less Than | Than 





Item 











æ |Capacity Factor 
* jAvailability 


I 
d 
(n 


5 Economic Lifetime 


$/ (tHM/yr)| $/(tHM/yr) 


Capacity Factor 67 % 
Total Capital Cost} 1,400,000 $/ (tHM/yr*) 
Fixed O&M Cost 125,000 $/ (tHM/yr) 
Econamic Lifetime 20 yrs 








T š Variable O&M Cost 
O 


OY 
N 
co 
O 


1,400,000 125,000 





1,375,000 280, OOO 


Japan 
(LMFBR Fuel) 








Capacity Factor 67 % 
Total Capital Cost| 1,966,000| 1,474,000 | 2,453,000| $%/(tHM/yr) 
Fixed O&M Cost 228,000 171,000 | . 285,000} $/(tHM/yr) 
Economic Lifetime 20 15 25 yrs 























1,966,000 228,000 








TITIT 


1,376,000 182,000 
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3.5.11 Reprocessing Spent Nuclear Fuel 





The basic purposeof reprocessing the spent nuclear fuel is 

to recover the unused nuclear materials and the created fission 
materials (plutonium, U-233) from the discharged reactor fuel; 

and to separate the radioactive fission products. The reprocessed 
fissile materials are recycled to produce new nuclear fuel. The 
separated fission products are solidified and stored. The economic 
importance of the spent fuel reprocessing hence ties in the reco- 


very of the unused nuclear fuel material. 


Reprocessing spent nuclear fuel consists, in principle, of the 


following process steps: 


- Discharge and temporary storage of the spent fuel elements. 
The fuel element storage serves as a buffer to provide an 
even workload for the reprocessing plant. Additionally, it 
provides for the necessary nuclear decay of the highly radio- 
active fission products and transuraniums before processing the 


spent fuel. 


- Cladding removal and disintegration. 
The fuel element are mechanically chopped into short pisces. The 
resulting pieces are placed in a nitric acid bath which reacts 


with the fuel but not with the metal tubing. 


- Extraction of the valuable nuclear materials (fission and breeding 
materials). 
A counter current extraction process is employed, which involves 
an organic solvent, for the recovery of the unused nuclear mate- 
rial from the spent nuclear fuel. If, as in the case of spent 
LWR fuel, uranium and plutonium have to be recovered and 
separated, the so-called PUREX-process (Plutonium-Uranium- 
Recovery by Extraction) is employed. The PUREX-process involves 
a phosphoric acidic ester TBP (tri-n-butyl-phosphate (C |H90 4) PO) 
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LMFBR Spent Fuel Reprocessing (U.S.A.) Assessors | o LWR Spent Fuel Reprocessing Plant (U.S.A.) 
as solvent which is diluted by 70 $ kerosene. The solvent The system involves cladding removal, PUREX separation, | 
therefore is called TBP-3O. In a nitric acid bath, the TBP-3O production of uranium and plutonium oxides, 'disaster-proof' Belgium:- Hecq, St., Voie du roman pays, 34, B-1348 Louvaine Uranium 1680 tU 
selectively reacts with the nitrates of uranium and plutonium, processing building, and waste storage. La-Neuve (in UFc) 
thereby extracting them from the aqueous solution. The Japan:- Yasukawa, S., JAERI, Tokyo uA 44 tPu 
: TE i n Pu 
nitrates of the fission products, on the other hand, remain in 6. LMFBR Spent Fuel Reprocessing (Belgium) U.S.A.:- Bhagat, N., NCAES, Brookhaven National Laboratory, Calci w. Pission 
| | ! | x alcin 
solution. As the extraction effect of one stage is not sufficient, Upton, NY 11973 Products -—* 
the process is successively repeated in a serie of extraction | TABLE 3.19 - Technical and Economic Data of Reprocessing Plants (4) 
devices. x Notes | o HTGR Spent Fuel Reprocessing Plant (U.S.A.) 
The THOREX-process (Thorium Recovery by Extraction) is applied 
for reprocessing spent hiqh temperature reactor fuel. In principle, p (1) Design Capacity Thorium (in acqueous 344 tTh 
. ° erd ` 
it operates like the PUREX-process, also usinç TBP as solvent. g 35 nitrate) 3.9.41 
-r4 : 
A 8 rf The capacity figures refer to the input of spent heavy Uranium (in U-233 13.5 tU 
; | vom E 83 acqueous nitrate) 
- Final cleaning of the recovered fissile materials. G 7 metal per annum. ' Last 
E + | Calcined fission 7.5 t 
š š & products waste 
If necessary, the solidification of the end products follows a Outputs ensur 
similar route as the last process stage of fuel reprocessing. tHM/yr B/ (tHM/yr) | o LMFBR Spent Fuel Reprocessing Plant (U.S.A.) their 
IWR Spent Fuel The output slate for full time operation of the reprocessing waste 
Five nuclear fuel reprocessing plants have been supplied. Cua 4,570,670" 433,600 : plants is: | | Uranium (in UO.) 973 tU of ye 
These are (country name in brackets): Plutonium (in PuO,) 110 tPu manip 
LWR Spent Fuel x o LWR Spent Fuel Reprocessing Plant (Belgium) Calcined Fission the r 
Reprocessing 73 * 
| (J ) Products 
LWR Spent Fuel Reprocessing (Belgium) — j i 
- for the reprocessing in a once-through cycle: and other radioactive Gener 
LWR Spent Fuel | wastes l 
LWR Spent Fuel Reprocessing (Japan) EE [Reprocessing | | ' Or 'c 
| | $  [(U.S.A.) Wastes 2390 kg | ot | radic 
The system consists of a spent fuel storage facility, a repro- 4 | o LMEBR Spent Fuel Reprocessing Plant (Belgium) 
' I ee " IHTGR Spent Fuel U-235 645 kg | hundr 
cessing unit and a waste solidification and storage facility. F ; 
3 Reprocessing 2,780,000 Pl vi 487 k lant 
; 4 utonium g piant 
The spent LWR fuel is reprocessed by the PUREX process. 3 (U.S.A.) Heavy metal 13.1 tHM 
x nuclez 
| LMFBR Spent Fuel " : ; ' x i 
LMR Spent Puel Reprocessing (U.8.A.) — | for bes reprocessing with a subsequent plutonium Cost Piqgures tion, 
: recycling: | 
The system involves cladding removal, PUREX separation, x (U.S.A.) w T In th 
| " " n 
'disaster-proof' processing building' and solidification of | [LMFBR Spent Fuel x me us Deu quM sur Uwe eee T Gp. uo x high 
wastes. — aY 14,587,000 1,387,000 | Wastes 2390 kg | processing plant are those for a future large scale commercial " 
. (Belgium) | U-235 80 kg plant. A design study is in preparation. For comparison, the 
i roun 
HTGR Spent Fuel Reprocessing (U.S.A.) B Plutonium 1930 kg assessor additionally gave the data of a smaller reprocessing - 
t ° i l l l or s 
The system involves controlled burning, acid leach and sol- ie *the capacity of the Belgian reprocessing plant is given in terms i E ! plant which is operating in Japan: 
f | LWR Spent Fuel Reprocessing Plant (Japan) | waste 
vent extraction. | of tonnes spent LWR fuel, not in terms of tonnes heavy metal facil 
tHM) input.  Accordingl the specific cost have also been re- i 
UN) anp gare P Depleted Uranium 2150 tU ša a 
trans 


lated to the input of spent LWR fuel. | 
l Plutonium 12 tPu 
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Design Capacity: 210 tHM/yr Table 3.20 summarizes the data of both waste storage facility 
Capacity Factor: 67% | and disposai facility. 
Consruction Cost: 3,336,000 $/ (tHM/yr) 
Interest during 500,000 $/ (tHM/yr) 
; construction: TABLE 3.20 - Technical and Economic Data of High-Level Nuclear 
Fixed O&M Cost: 333,000 $/ (tHM/yr) Waste Storage and Disposal 





Uncertainties 








Uncertainty ranges were not specified by the assessors. 


2 Nuclear Waste Disposal 





Design Capacity 
First Commercial 
Annual Input of 


Electricity 
Amortization 
Lifetime 


Service Year 
Variable 
O&M Cost 


important step of the nuclear fuel cycle is radioactive 
| Management. The purpose of the management program is to 
e that nuclear wastes do not enter the environment until 
radioactivity is below harmful levels. Certain types of ‘ lHigh-level 
| must therefore be isolated from the environment for thousands | — — da 
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Unit 
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ars. Radioactive waste management is concerned with the | High-level 
x [waste storage 


























ulation and storage of all radioactive materials produced in 





uclear fuel cycle. 


ally radioactive wastes are classified as either 'high-level' 














ther than high-level', the distinction being based on the E | Assessor 
active content of the waste. High-level waste, which contains 
eds of thousands of curies, is produced from the reprocessing : | Japan.- Yasukawa, S., JAERI, Tokyo 
s and basically consists of the fission products. Low-level | | 
ir wastes are the residuals from UF, production, fuel fabrica- Notes 

reactor operation and fuel reprocessing. 

(1) Units 

e following, the main data of a high-level waste storage and 

level waste disposal are summarized. The high-level waste | tx - tonnes (spent fuel equivalent) 
ge consists of a storage facility located 1000 meters under- 14 

d, in which solidified high-level nuclear wastes are stored | Annual Input of Electricity 

everal decades until the radioactivitv is low enough for the | 

s to be transferred to the disposal facility. In the disposal | Input electricity is used for air conditioning of the repositcry 
ity the high-level wastes are temporarily (20-3O years) stored x | transportation, etc. 


reposicory more than 600 meters underground and finally 


ferred to a repository for permanent disposal. 
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4. SYNFUELS FROM COAL/BIOMASS AND 
OIL  REFINING 


4.1 Classification of Gaseous Fuels from Coal 





Gaseous fuels with low, medium or high energy content can be 
produced from coal. No fixed calorific values are associated 
with these classifications; however in Table 4.1 representative 


ranges are given for gross calorific values. 


TABLE 4.1 - Gas Classification by Calorific Value 





Gross Calorific Value 
Gas Type BTU/SCF (a) MJ/Nm? (b) 








Low calorific value gas less than 250 less than 10 
(low BTU gas) 


Medium calorific value gas 250 - 650 
( MCG) 
(medium BTU gas) 


Substitute natural gas (SNG) 900 - 1050 
(high BTU gas) 


standard cubic feet of gas - measured at 60 °F and 


760 mm Hg absolute pressure 


(b) Nm? normal cubic metres of gas - measured 


760 mm Hg absolute pressure 


l x 109 SCF = 26800 Nm: 


6 


lx 10° BTU 1.0546 GJ 


1000 BTU/SCF 39.35 MJ/Nm? 


4.2 Gasification Process Types 





Low and medium calorific value gases are produced in a two- 
Stage process involving coal preparation and gasification. 

A third stage, raw gas upgrading, is required to produce sub- 
Stitute natural gas (SNG) of 'pipeline' quality. These three 
Stages are illustrated in Figure 4.1 (Ref. 4.1) and are 
described below with extracts from References 4.1, 4.2, and 
4.3. 


4.2.1 Pretreatment 





This depends on the particular gasification process. In addi- 
tion to coal handling and storage, pretreatment may simply mean 
drying and pulverizing or may involve a mild pre-oxidation to 
prevent the coal from agglomerating into a plastic mass at the 
bottom of the gasifier (caking). Most bituminous coals have 
some caking properties that cause difficulty if pre-oxidation 
is not used. With such oxidation there is a loss of heating 
value in the range 10 to 15 per cent of that of the original 


coal. 


Pretreatment may also involve slurrying with water. 


4.2.2 Gasification 





In the gasifier some of the input coal is burnt with oxygen to 
provide the process heat for the endothermic reaction between 
carbon and steam, which produces carbon monoxide (CO) and 


hydrogen (H5). In addition, there are reactions between the 


input coal and the hydrogen to produce methane (CH,) in the 


gasifier itself. 


Methane, the primary component of natural gas, is similar to 
natural gas in heating value. Carbon monoxide and hydrogen 
heating values are approximately equal, being about one-third 
the methane/natural gas value. Several non-combustible gases 
are also produced, including carbon dioxide, hydrogen sulphide, 
and nitrogen. 





- 126 - 









































v 
O 
© 
52 
L. 
Š 2 
-J g 
T 
er £ 
O N 
+ - 4 
+ < + 
^" L © QJ 
zo O O O 
ELITS 
“| N wo | 
O r3 l N N 
+ Nr O 
Halo + + + |, 
dooo? x 
Ol — worm <+ O 
e 
Oo 
| ON = 
2 | * < 
z 
E 
— c 
an 9. 
ac — c 
d|e 9 o 
a o 2 E 
uJ UO e 
oi? 9 o 
Cel S€ QC o 
c w 
J © - 
< S N 2 
a; ° 
o 
° 
O 


Figure 4.1: General Process Scheme foi 





(Ref. 4.1) 
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^ Producing Gas from Coal 


A major goal for most coal gasification processes is to produce 
a high quality gas during the initial gasification stage. The 
product from each process is determined primarily by the 
methods used to introduce hydrogen, oxygen, and heat into the 
gasifier. Each method involves trade-offs. For example, if 
air is used to provide the oxygen (as in a low calorific value 
gasifier), nitrogen is produced as an undesirable by-product 


and the heating value of the gas is reduced. Although pure 


Oxygen is more expensive than air, it eliminates the nitrogen 


problem and produces medium calorific value gas rather than low 
calorific value gas. 


The use of steam to introduce hydrogen into the process pro- 
duces primarily carbon monoxide and hydrogen, while the direct 
introduction of hydrogen produces methane and carbon in an 
exothermic devolatization reaction. Since the latter process 
does not produce large amounts of methane it is normally placed 
in a pretreatment stage. The steam-carbon reaction is used 
more frequently to produce final product low/medium calorific 
value gases and to produce feedstocks for high calorific value 
gasification. 


For coal gasification processes, direct heat is more thermally 
efficient than indirect heat. However, most direct heat pro- 
cesses use either air or oxygen as an oxidiser, producing the 
products and problems identified above. Indirect heating using 
molten salts, dolomite solids, molten slag, pebbles etc. intro- 
duces additional materials requirements and makes the gasifica- 
tion more complicated. 


As indicated above, the basic chemical choices are whether to 
use hydrogen or steam, air or oxygen, and direct or indirect 
heat. 


Gasification systems can also be categorized on the basis of 
engineering features, two significant ones being whether the 
System is pressurized and the type of bed used.  Gasification 
systems can be operated either at high pressure or at atmos- 


pheric pressure. The main advantages gained from pressurizing 
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coals can be used with these processes. (Ref. 4.2) Some 


are improving the quality of product gas, maximization of the 
hydrogasification reaction (C + 2H, CH, * Heat), and elimi- 
nation of the need to separately pressurize gas before intro- 
ducing it into the pipeline. 


In terms of beds, there are three basic types of gasification 
systems: fixed-bed, fluidized-bed, and entrained bed. In the 
fixed-bed system, a grate supports lumps of coal through which 
the steam or hydrcgen is passed. Conventional fixed-bed 
Systems are incompatible with caking coals. To expand the 
range of coals that can be used, some fixed-bed systems are 
modified to incorporate a rotating grate or stirrer to prevent 


caking. 


The fluidized-bed system uses finely sized coal. Gas flows 
through the coal, producing a lifting and "boiling" effect. 

The result is an expanded bed with more coal surface area to 
promote the chemical reactions. Fluidized-bed systems also 
have a limited capacity for operating with caking coals; con- 
sequently, these types of coals are often pretreated to destroy 


caking characteristics when the fluidized-bed system is used. 


Finely sized coal is also used in entrained-bed systems. In 
this type of system, the coal particles are transported in the 
gas (for example, steam and oxygen) prior to introduction into 
the reactor. The chemical reactions occur, and the product 
gases and ash are taken out separately. There are no limita- 
tions on the types of coal that can be used with the entrain- 
ment system. 


4.2.3 Acid Gas Removal and Sulphur Recovery 





In medium calorific gas (MCG) production the stage after gasi- 
fication is acid gas removal and sulphur recovery (Figure 4.2). 
In SNG production a shift conversion stage (Section 4.2.4) 
intervenes (Figure 4.2). In the acid gas removal stage the gas 
is purified by removal of carbon dioxide and hydrogen sulphide. 
In SNG production the gas is purified to less than 1.5 per cent 
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ween first and second generation systems on the 


carbon dioxide by volume and less than 1 ppm of hydrogen sul- 
phide. Sulphur can be recovered from the hydrogen sulphide. 
The acid gas removal step has a measurable effect on the econ- 
omics of SNG and MCG production both directly in terms of 
capital investment and indirectly in terms of steam and power 
consumption. 


4.2.4 Shift Conversion 





This stage occurs in SNG production. Shift conversion combines 
carbon monoxide and water to produce carbon dioxide and hydro- 
gen. This shift is necessary co adjust the hydrogen and carbon 
monoxide to the 3:1 ratio required for methanation. A cata- 
lyst, usually an iron-chromium oxide compound, is used in this 
reaction. 


4.2.5 Methanation 





This stage occurs in SNG production only. Carbon monoxide and 
hydrogen are reacted using (typically) nickel compounds as cata- 
lysts to produce methane. Water vapour is then removed to give 
a product substitute natural gas. With both the dry-ash Lurgi 
and British Gas Lurgi Slagging processes the gas is compressed 
to a compatible 68 atm delivery pressure. 


4.3 Low/Medium Calorific Value Gasification 





Four technology characterizations of low/medium calorific value 
gasification processes were submitted by project participants. 


These were (country shown in brackets):- 


(i) Low/medium Btu gasification, process not specified 
(U.S.A.) 


(ii) Koppers-Totzek (Germany) 
Shell-Koppers (Germany/Belgium from IEA/EAS Sources) 


British Gas/Lurgi Slagging Gasifier (U.K.) 
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Figure 4.2: SNG and MCG Production (Ref. 4.3) 
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The Koppers-Totzek process is an entrained flow, atmospheric Coal processing capacity varies depe':3ing on the number of 
Most coals are suitable as feedstock after drying to 2-8 $ operation. The first run took place in April 1975 as part of a 


moisture and pulverization. Coal is fed pneumaticaliy into a project sponsored by Conoco, and a consortium of US companies. 
refractory lined vessel with opposed firing. Liquid slag is At the end of the 4 year test programme, a commercial scale 
removed from the bottom and quenched in water. Temperature at demonstration plant was designed for the US companies. At the 


There are several advantages of K-T units and the commerci- Hee the gas outlet is 1500-1600 °C. end of the 4 year test programme, a commercial scale demonstra- 


The British Gas Corporation - Lurgi Slagging process is a | alization of the process durina the 1950s at a time when cheap | | tion plant was designed for the US Department of Energy 


pressure, direct burning system. burner heads used. A four headed gasifier can process about 
The Shell-Koppers process is a development on the Koppers- 850 tons of coal/day. 
Totzek system operating at a pressure of 20-40 atmospheres. 


pressurized fixed bed system with the normal Lurgi revolving | competing fuels were readily available attest to this. The | | wT | | w 
4.3.3 British Gas/Lurgi Slagging Gasifier British Gas have continued the development of Slagging Gasifier 


grate, lock-hopper ash removal system replaced by a slag tap following advantages should be noted. | with the ultimate objective of its use for the production of 





and quench chamber and with tuyeres to inject high velocity Good safety record. his PSEF06688 dà & 8198151668 deeloiéat of thè conventions SHG when needed for the UK. A 90 day proving run was success- 


Steam and oxygen. ) l I f fully completed in December 1981. 
The qasifier is relatively simple and flexible. pressurized Lurgi fized bed system. The use of a much lower | 


TU ; | à; TT i l steam/carbon ratio results in much higher temperatures so that 
Expanded descriptions of these processes are given in sections pS Little effect on the gasification process due to physical 
| the ash forms a molten slag. To handle this the lower part of 


4.3.1, 4.3.2, 4.3.3 and key data from the characterization I properties of the feed coal, such as fines, ash fusion | 4.3.4 Low/Medium Calorific Value Gasification of Coal 
the gasifier is modified and the steam and oxygen injected | i ' 
- Characterization Summary 








questionnaires are presented in a summary table in section temperature, ash content etc. | 
through tuyeres. The slaq is collected in a hearth at the base 


Bs. 3084 ° hs diis e . 
d. Rapid start-up and shut-down capability. of the reactor and periodically removed via an ingenious slag TABLE 4.2 - Low/MCG from Coal - Characterization Summary 





tap to form a glassy frit in a water filled quench chamber. The 


MCG processes not covered in this survey are the dry ash Lurgi i I ' 
Disacventages or the Ret prodesse incluent need for a rotating grate to remove ash is thereby eliminated. 


fixed bed, the Texaco entrained flow and the various fluidized 


bed systems (Conoco CO, Acceptor, COGAS, HYGAS, Synthane, E 
Winkler). | Limitation of feed coal to 10 per cent moisture. 


Low thermal efficiency. 
The temperature of the molten slag is a function of its 


composition and is in the range of 1500 - 1800 °C. 
Lack of data on high quality coals. 
4.3.1 Koppers-Totzek 





Relatively high cost of energy. | l The advantages of slagging fixed bed gasification arising from 


: ' ! ; f I à; ' Lai the lower steam utilisation include higher gasifier throughput 
In this process caking or non-caking pulverized (70-80 $ of | Operation with air and steam for low calorific value gas 


Overall Efficiency 


First Commercial 
(Average Load) 


Service Year 
Economic Lifetime 


Maximum Annual 
Energy Output 
Capacity 

Maximum Annual 
Availability 
Capital Cost 
Fixed O&M Cost 
Variable O&M Cost 


Country 
Design 
Capacity 
Factor 


(around a factor of four) and hence a saving in gasifier 





coal passes a 200-mesh screen) coal is mixed with oxygen and output is not promising. 


capital costs, higher thermal efficiency and lower liquor pro- $/GJ/al $/GJ/a | $/G3 


td 
C 
"a 
w 
td 
C4 
ge 
< 


steam (entrained suspension) and then pumped into an atmos- Unit 














; - x duction. The latter simplifies anc cheapens effluent disposal. | 
pheric pressure vessel gasifier through burner heads.  Combus- | 4.3.2 Shell-Koppers = 


tion occurs at high temperatures (1600 °C - 1900 "C) and the | | | (Koppers-Totzek) 
The coal feed is by lock hopper and distributor as for the con- 


product gas (gross calorific value 11 MJ/Nm?) exits upwards | The Shell-Koppers process is a development of the commerci- f l I |  Germany/Belgium 
x ventional Lurqi process and the advantage of the fixed bed | from IEA/EAS source 15.1] 1995| 12.9 


N 
o 








through a central vertical outlet. Molten slag exits at the i alized Koppers-Totzek process, operating at a pressure of 


bottom. Typical output gas composition is (dry $) | x 20-40 atmospheres. A 0.25 t/h plant has been operating at the 
" Shell research laboratories in Amsterdam since January 1977. 


gasifier, that the bed acts as a heat exchanger and the coal is BE — (Shell-Koppers) 





preheated by the product gas, is retained. The preferred | ^ U.K. 


(British Gas/Lurgi 66.3| 1985| 60 


requirement of the conventional Lurgi gasifier for weakly k fier) 
slagging gasifier 


52 5 | A 6.25 t/h plant was commissioned at Harburg, West Germany in 





caking, high reactivity, high ash fusion point coal is relaxed 


10 late 1978. : | mn | U.S.A 
36 | for the Slagging Gasifier and most coals can be accepted. : — 


Non-fuel gases 2 The process is being developed for use in air-blown combined 






































One of the Lurgi Gasifiers of the Westfield, Scotland town gas 


cycle (gas turbines plus steam turbines) applications and "ul I . E. 
plant, was iined to reduce its diameter (although its through- x (c.a. = currently available) 


oxygen-blown synthesis gas production. i Í i 
put was considerably increased) and converted to slagging 
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4.4.5 SNG from Coal (Fossil Heat Source) Germany:- Walbeck, M. and Martinsen, D., KFA/STE, 5170 Jülich 
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Assessors | Breakdown (in 109 mid-1980 $) 
Coal preparation and handling 
Germany: - Walbeck, M. and Martinsen, D., KFA/STE, Gasification and ash handling 
Postbox 1913, 5170 Jülich, ANA. Oxygen plant 
Germany/ - Müller, M. and Altdorfer, F., KFA/STE, Acid gas removal and sulphur recovery 
Belgium: Postbox 1913, 5170 Jülich, P x Process condensate treatment 
U.K.: - Ward, A.V., ETSU, Harwell, x Steam and power generation 
U.S.A: - Bhagat, N., Brookhaven National Laboratory, d Cooling water system 


Upton, NY 11973 | Balance-of-plant 
| TOTAL 
Notes: | Contingency (15 $) 


(1) All energy quantities based on NCV of fuels. i Process royalties (2.5 9) 














(2) Shell-Koppers: U - Expenditure profile 


Design Capacity: 500 MW net output = 15.77 PJ/yr, 





YT Year 
based on high calorific value of 12 MJ/Nm? (p. 177 


Reference 4.3), Assuming a qas NCV/GCV ratio of 0.96 
for MCG (corresponds to gas analysis of Koppers-Totzek 


output), gives design capacity of 15 Pj/yr. Overall 








Efficiency: Original characterization, based on GCV 





gives efficiency = 0.691. Assuming gas NCV/GCV 

ratio of 0.96 and coal (Pittsburg seam bituminous) 
i kai - interest te 
NCV/GCV ratio of 0.96 leaves efficiency unchanged. Min dee wv 


Total Capital Cost: Total construction cost, ex- 





Total capital cost in original characterization is 
11.7 $/GJ/a on GCV basis. Dividing by 0.96 gives 
12.2 S/GJ/a on NCV basis. 


pressed in mid-1980 $ (Ref. 4.3, p. 141; for the con- 
version of mid-1978 to mid-1980 S, the Chemical 


Engineering Plant Cost Index has been used) 


Hs a MW" $us = 3.3 | | 
Operating and Maintenance Costs: Both fixed and variable 








- 10.27 $5g/ (GJ/yr) | 4 PP t head’ i 
ea in 
15.77 GJ/y-. | O&M costs appear under the fixed O&M cos ing 


summary table 4.2 for Shell-Koppers. Total O&M cost given 
in original characterization as 0.93 $/GJ/a on GCV basis. 
Dividing by 0.96 gives 0.97 $/GJ/a on NCV basis. 

O&M costs correspond to 85 $ capacity factor. 


A Texaco MCG plant has about the same costs. A gasi- 
fication plant with a Lurgi gasifier is more expen- 


sive. 


12.18 x 109 s 6 


(Ref. 4.3) 


x 1.2 = 14.62 x 10 


580 


78 
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O&M cost breakdown (costs expressed in 106 mid- 1980 $) 


Water 0.55 
Catalysts and chemicals 0.07 
Operating labour 3.36 
Maintenance 5.87 
Insurance, local taxes 4.77 

14.62 





(3) British Gas/Lurgi Slagging Gasifier (Ref. 4.4) 





Design Capacity: The plant is designed to give 200 mscfd 
(2.2 GW). 





Overall Efficiency: MCG production efficiency is around 75 $ 
assuming the coal feed is NCB # 5-6 (23-26 GJ/tonne NCV) 





Total Capital Cost: Based on the assumption that the capital 





costs of producing MCG might be 20 $ less than producing SNG. 


Component costs (given below) are scaled accordingly. 


$/GJ/a 
Construction 
Owners costs 


Interest 


Operating and Maintenance Costs: The fixed O&M cost will be 





approximately the same as for a SNG plant. An estimate of 
£ 12 x 10? has been taken giving O.4 $/GJ/a. Variable O&M costs 


might be £ 25 x 10° for an output of 60 GJ/a giving approxi- 
mately 1 $/GJ. 


(4) Low/Medium 8tv Gasification (U.S.A.) 





The assessor provided confidence limits on some items in Table 


4.2 as follows: 


Item Median 10 % Probability of Being 





Value Less Than Greater Than 





Overall Effi- 75 68 82 
ciency (average 
load) 

Total Capital 
Cost 

Fixed O&M 

Cost 

Variable O&M 














Cost 





4.4 High Calorific Value Gasification of Coal 





(Fossil Heat Source) 





Seven technology characterizations of high calorific value gasi- 
fication processes using coal as feedstock and heat source (as 
opposed to a nuclear heat source) were submitted by project 


participants. These were (country shown in brackets):- 


(i) High BTU gasification, first generation technology, 
(e.g. Lurgi) (U.S.A.) 

(ii) Dry ash Lurgi (Germany) 

(iii) Dry ash Lurgi (Germany/Belgium from IEA/EAS sources) 

(iv) British Gas/Lurgi Slagging Gasifier (U.K.) 

(v) British Gas/Lurgi Slagging Gasifier’ (Germany/Belgium from 
IEA/EAS sources) 

(vi) Fluidized/entrained bed advanced technology (U.S.A.) 
(e.g. co, Acceptor, HYGAS, BIGAS, Synthane) 

(vii) Combined concept of hydrogasification module, high 


temperature Winkler gasifier, brown coal power plant 


An important technology omission in the above list is the Exxon 
Catalytic Gasification process which is a notable departure 
from conventional systems in that it does not require an oxygen 


plant, a shift converter, or a methanator. 


Essentially any gasifier or process that produces MCG can also 
produce SNG when appropriate methanation is implemented. Gas 
product properties that are important in the production of SNG 
are 1) the ratio of H, to CO in the gas produced, and 2) the 
amount of methane already contained in the product from the 


gasification. 


4.4.1 Dry Ash Lurgi (Ref. 4.3) 





The dry-ash Lurgi process must be regarded as the most highly 
developed of all the processes considered. For example, the 
SASOL II complex in South Africa using Lurgi gasifiers, when 
operating, will consume as much coal as a 3000 MW SNG plant, so 
the process may be considered to be already full-scaled. 


Even with this process development work is likely to lead to 
some reduction in product gas costs by using larger gasifiers 
or higher operating pressures. The effect of selling byproducts 
at prices higher than coal cost is significant in this and the 


British Gas/Lurgi Sléjging Gasifier. 


In one respect, however, new processes may be considered 
superior to the dry-ash Lurgi process, even if they do not 
appear to produce cheaper SNG. The dry-ash Lurgi process 
cannot handle more than a limited amount of fines. The upper 
limit for fines is a function not only of the size consist but 
also of the caking properties of the coal, as mildly caking 


coal tends to agalomerate the fines. 


4.4.2 British Gas/Lurgi Slagging Gasifier (Ref. 4.3) 





This process has been demonstrated on a substantial scale and 
is available with the minimum of development work. The ability 


of the gasifier to handle run-of-mine coal directly is superior 
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to the dry-ash version. Along with ste 
and recyled tar can be injected via tu 
temperature (1800 °C) reaction zone (t 
up to 15 $ fines has already been demc 
logy is under active development to ac 


run-of-mine coal. 


Injection of tar into the hottest part 
the possibility of recycling tar to ex 
recycled in the dry-ash Lurgi process 
of the bed (a common practice also use 
Gasifier) to reduce dust carry over. H 


is distilled off again and there is al 


The British Gas/Lurgi slagging process 
as the dry-ash Lurgi process in terms 
consumption and significant methane pr 
of its major potential advantages, low 
essentially nullified by the need for 
CO shift step for SNG production if cc 
Stream equipment is used. On the other 
that British Gas have developed a comk 
process (the HCM process) that avoids 
steam injection and gives an overall [ 
which is 5 - 10 $ better than conventi 
the feed. The other major advantage, Fr 
reduce the capital cost of the Slaggir 


the Lurgi process. 


4.4.3 Fluidized/Entrained Bed Advancec 





Technology 





The U.S.A. characterization submitted 
'composite' characterization of a numt 
advanced gasification technologies (e. 
CO, Acceptor, BI-GAS). 
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am and oxygen, fine coal 
|yeres into a very high 
he raceway). Injection of 
nstrated and the techno- 
'cept all the fines in 


. of the gasifier raises 
tinction. Tar can also be 
by adding it to the top 
d with the Slagging 
lowever, most of this tar 


ways a net yield of tar. 


| offers the same benefits 
of relatively low oxygen 
'Oduction. However, one 

|! Steam consumption, is 
additional steam for the 
inventional Lurgi down- 

` hand, it should be noted 
ined shift/methanation 
the need for further 
process efficiency of 71 $ 
onal Lurgi depending on 
iigh throughput acts to 


ig Gasifier compared to 


| (2nd Generation) 





under this heading is a 
yer of candidate U.S. 
.g. HYGAS, Synthane, 
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Caking coals can be used with these processes. (Ref. 4.2) Some 


of the processes that have been supported by the U.S. Govern- 


ment and/or industry for the production of SNG include:- 


a) Fluidized Bed Systems (Ref. 4.1) 





o HYGAS (Institute of Gas Technology) 

- hydrogasifier (hydrogen introduced into the 
gasifier is produced by reaction of steam, char, and 
oxygen), oxygen blown, direct heat, 1000 psi (6900 
kPa), sizinqg-heating-slurry pretreatment, 


8 to 100 mesh fines all coals; 


Synthane (DOE-Pittsburgh Energy Technology Centre) 

- gasifier/devolatilizer, steam as hydrogen source, 
oxygen blown, direct heat, 1000 psi (6900 kPa), 
sizing-heating-volatilizing pretreatment, all coals, 


fines of 200 mesh; 


CO. Acceptor (Conoco Coal Development Co.) 

- gasifier/devolatilizer, steam as hydrogen source, 
air blown, direct and indirect heat, 150 psi (1030 
kPa), sizing pretreatment, lignite or subbituminous 
feed; 


b) Entrained Flow Systems (Ref. 4.1); 





BI-GAS (Bituminous Coal Research Inc.) 
- gasifier and hydrogasifier, steam as hydrogen 
source, oxygen blown, 1000 psi (6900 kPa), liquid 


to rank A bituminous pulverized feed. 


(Ref. 4.2) As a generalization, the principal distinguishing 
feature of first generation systems (Lurgi, Koppers-Totzek, 
Texaco, Winkler) is the relatively low CH, output from the 
gasifier. Only Lurgi produces a synthesis gas with significant 
amounts of methane. Second generation units consistently 
produce 15 per cent CH,. Increasing the methane content 
decreases water-gas shift and secondary methanation require- 


ments and decreases the quantity of waste heat generated. 
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Comparisons between first and second generation systems on the 


H>): CO ratio are less stark. It should be noted, however, that 
the mean H5:CO ratio for first-generation systems is 1.2:1, and 
all but the Lurgi are near or below 1:1. The mean ratio for 
second-generation systems is 2.2:1, with no system below 1:1. 
The H,: CO ratio (ideally 3:1) again affects the water-gas shift 
requirement and waste heat production. It also affects process 


water consumption associated with the shift reaction. 


4.4.4 Combined Hydrogasifier/High Temperature Winkler 





(Ref. 4.2, 4.5) 





The Winkler is a fluidized bed unit and was the first commer- 
cial large scale process used to gasify lower rank coals and 
char. Since 1933 all commercial Winklers have been blown with 


oxygen and steam, producing medium calorific gases. 


pared with the 1.5 bar of the conventional Winkler) and higher 
temperatures (900-1100 'C). Increased pressure and temperature 
both result in a greatly increased gasification rate. Whereas 
conventional oxygen blown Winkler generators have been operated 
at gasification rates of about 60,000 Nn?/h, future HTW gasi- 
fiers will be designed for more than 150,000 Nm? /h of raw gas. 


A pilot plant producing 1500 Nm?/h of raw gas was designed, 
built and started up in mid 1978 at Frechen, Germany by 
Uhde GmbH. 


Rheinbraun have developed a combined hydrogasifier-HTW process 


which avoids the methanation step in converting raw gas to SNG. 
This scheme which is shown in Figure 4.3 involves the hydro- 


gasification reaction of coal with H. at a pressure of about 


02 
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The conventional and high temperature Winkler processes have 80 bar. The product gas is purified and low temperature separ- | ——— 
° C 3 = O hi h | 
the following advantages: ated to yield the product SNG, recycle hydrogen and CO which is KA... a = CO eee 


- a broad variety of coals ranging from lignites to slightly 
caking reactive hard coals can be processed; high ash content 
is permissible.; 
fines and relatively coarse particles can be processed; 
low consumption of oxygen; 
gas product low in tars, HCN and ammonia; 
operation at part load (down to 35 $ of design capacity) is 


possible; 


sent to the shift. The make-up hydrogen is generated by gasi- 
fving coke from the hydrogenation process in a HTW plant. 
Additional coal may have to be gasified in order to satisfy the 
hydrogen balance. The HTW raw gas will be shifted and purified 


to produce hydrogen. 
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the reactor coal holdup is larqe enough so as to permit a con- 
Figure 4.3: SNG Production via High Temperature Winkler 





tinuous operation at full capacity up to about 1/2 hour after 
failure of feed coal supply. Start-up and shut-down opera- and Coal Hydrogasification (Ref. 4.5) 


tions are facilitated by this characteristic. 


(Ref. 4.5) The conventional Winkler process is operated at atmos- 
pheric pressure, at relatively low temperatures (800-900 °C) 
and with a carbon conversion rate of about 90 $. These latter 


three features are disadvantageous for some applications. 


The Rheinische Braunkohlenwerke AG (Rheinbraun) high tempera- 
ture Winkler (HTW) concept was developed to overcome the above 
disadvantages. It operates at' higher pressures (5-20 bar com- 
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4.4.5 SNG from Coal (Fossil Heat Source) Germany:- Walbeck, M. and Martinsen, D., KFA/STE, 5170 Jülich 


Germany/Belgium:- Müller, M. and Altdorfer, F., KFA/STE, 5170 Jülich 
U.K.:- Ward, A.V., ETSU, Harwell, England. 
Notes: using the NCV/GCV ratios 





- Characterization Summary 





(3) British Gas/Lurgi Slagging Gasifier: 





For summary table 4.3 all values were converted 
TABLE 4.3 - SNG from Coal (Fossil Heat Source) 


- Characterization Summary 








a) In the German/Belgian characterization based on 
IEA/EAS data (Ref. 4.3), original values were 


presented on a GCV basis using the conversion 
Total construction cost breakdown in $80 X 109 is factors 





(1) All energy quantities based on NCV of fuels. SNG 0.9 


(2) Lurgi Dry-Ash: Eastern Coal 0.96 





a) The U.S.A. characterization is a generic description of 
lst generation high calorific gasification of coal of (Ref. 4.3, p 141) 

37.9 MJ/Nm? 

28.83 GJ/tonne 


which the Lurgi dry-ash process can be considered a re- Coal preparation and handling 25.2 SNG 


Gasification 396.0 Eastern Coal 


Oxygen plant 156.0 


Overall Efficiency 


Factor 
Maximum Annual 
Availability 
(Average Load) 
Capital Cost 
O&M Cost 
Variable 

O&M Cost 
Economic 
Lifetime 


presentative technology. Caking coals cannot be used in 


Country 

First Commercial 
Service Year 
Maximum Annual 
Energy Output 
Capacity 





this process. 


rÜ 
C4 
9e 
9e 
ge 
V 
M 
o 
C4 
k 


Unit The assessor provided confidence limits on some items For summary table 4.3 all values were converted 


using the NCV/GCV ratios 


Acid qas removal 139.2 





U.S.A. | in Table 4.3 as follows: 
(lst generation, 
e.g. Lurgi dry- 


ash) Item Unit Median 10 % Probability of Being 
—— À Value Less Than Greater Than 
(Lurgi dry-ash) First Commer- 1989 1988 1991 
pee | x cial Year | 
(Lurgi dry-ash) | | | | Overall Effi- 63 58 68 


Sulphur recovery 115.2 
Methanation, gas compression & drying 73.0 
4.0 SNG 0.9 
33.6 Eastern Coal 0.96 


Ash and sludge handiing 








Process condensate treatment 








Steam and power 244.0 





6 


Cooling water system 36.0 Total construction cost breakdown in $80 x 10° is 


Balance-of-plant 122.4 | (Ref. 4.3, p 141) 
cieney (aver- TOTAL 1346.4 
age 1080) Contingency (15 $%) 201.6 
Total Capital Process royaities (2.5 $%) 38.4 
TOTAL CONSTRUCTION COST 1586.4 











Germany/Belgium 
from IEA-EAS source 
(Lurgi dry-ash) 


Coal preparation and handling 22.8 
Gasification 234.0 
Oxygen plant 152.4 


Acid gas removal 150.0 





Germany /Belgium 
from IEA-EAS source f | x Cost 


(British Gas/Lurgi Fixed O&M Cost 
siagging gasifier) è 
Variable O&M 


Cost 





Sulphur recovery 115.2 





All operating and maintenance costs are under "fixed Methanation, gas compressing and drying 82.8 








U.K. 


(British Gas/Lurgi 
slagging gasifier) 





USAs 
(2nd generation- 
fluidized/entrained bed) 





Germany 
(combined hydrogasifier- 
high temperature Winkler) 






































Assessors 
U.S.A. :- Bhagat, N., 
NY 11973. 





Assessor 


Brookhaven National 


Laboratory, 


Upton, 


b) 











In the German characterization it should be noted 
that, as well as the design capacity output of 
83.3 PJ/a of SNG, the plant has a design capacity 
output of 6.7 PJ/a of residual oil. However, all 
values in table 4.3, including efficiency, are 
based on SNG output alone. 


In the German/Belgian characterization based on 
IEA/EAS data (Ref. 4.3), original values were 
presented on a GCV basis using the conversion 


factors 


SNG 35.4  MJ/Nn? 


Eastern coal 28.83 GJ/tonne. 


O&M costs". This corresponds to an 85 $ capacity 


factor. 


Breakdown of O&M costs is 


Water 

Catalysts and chemicals 
Operating labour 
Maintenance 


Insurance, local taxes 


3.74 
11.62 
6.72 
47.73 
38.70 





6 
108.51 x 10 $78 


Costs updated from mid-1978 to mid-1980 values using 


US chemical engineering plant cost index (1.2). 


Ash and sludge handling 
Process condensate treatment 
Steam and power 

Cooling Water System 
Balance-of-plant 


3.6 
18.0 
223.2 
30.0 
103.2 





TOTAL 
Contingency (15 9) 
Process royalties (2.5 $) 


1135.2 


170.4 
32.4 





Construction Cost 


All operating and maintenance costs are under 


1338.0 


"fixed O&M costs". This corresponds to an 85 $ 


capacity factor. 





- 149 - 


Breakdown of O&M Cost (Cost in 109 mid-1980 S) 


vi £ [1 £7 Ff) 





Water 4.26 
Catalysts and chemicals 17.11 
Operating labour 7.39 
Maintenance 48.30 
Insurance, local taxes 39.15 
TOTAL 116.21 


Average annual personal costs correspond to 
33600 $/person. 


b) U.K. characterization based on the account given 
in Ref. 4.4. 


The efficiency of 70 $ given in the characterizati 
summary table is appropriate with UK coal in UK co 


ditions. 


Costs have been updated from 1977 valves by a factor 


based on RPI movements of 1.45. Capital cost breakdown 


is 

£ M 
Construction Cost 480 
Owners Costs 100 
Interest During 50 
Construction 


630 . This gives 22 $/GJ/a. 
The assessor comments that it is not easy to 
distinguish fixed and variable O&M costs. Based on 


Ref. 4.4, fixed O&M might be £ 14 x 109, variable 
O&M £ 26 x 109. 
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(4) Fluidized/Entrained Bed: 





The U.S.A. characterization is a generic description of 
advanced 2nd generation high calorific gasification of coal 
using higher pressures and a fluidized/entrained bed. 
Caking coals can be used. Examples of such a technology 


are the CO. Acceptor, HYGAS, BI-GAS and Synthane processes. 


The assessor provided confidence limits on some items in 
Table 4.3 as follows: 


Item Unit 10 $ Probability of Being- 





Less Than Greater Than! 





Overall Effi- 62 75 
ciency (average 
load) 

Total Capital 
Cost 

Fixed O&M Cost 
Variable O&M 
Cost 

















(5) Combined Hydrogasifier/HTW: 





As well as the SNG design capacity output of 56.7 PJ/a, 
the plant has a design capacity output of 0.7 PJ/a of 
electricity. However, all values in table 4.3, in- 


cluding efficiency, are based on SNG output alone. 


4.5 High Calorific Value Gasification of Coal 








(Nuclear Heat Source) 





To improve the economic utilization of coal resources, gasifica- 
tion processes with a low specific consumption of coal are 
desirable. In autothermal gasification processes the coal is 


not only used as raw material, but also to generate the process 
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4.6 In Situ Gasification of Coal at 





energy. However, the reaccion energy can be supplied as pro- | | Notes: 
(1) All energy quantities based on NCV of fuels. 





cess steam or heat from a gas cooled high temperature nuclear T TABLE 4.4 - SNG from Coal (Nuclear Heat Source) 
reactor (HTR) to save approximately 30 to 40 $ of the coal. Two - Characterization Summary | 1500 m) compared with gasification ec 
characterizations of coal gasification systems using nuclear | i (2) Catalytic Gasification of Hard Coal a are: 


process heat were provided by Germary (Ref. 4.6). “These were E At full load, 100 $ availability, energy inputs per year 
are 


The main advantages of coal gasifice 











| - higher pressures are allowe 
nuclear process heat 81 PJ - higher power output per bor 


hard coal 154 PJ Ç (gasification speed is pror 


- Steam gasification of reactive hard coal followed by cata- 


lytic methanation of the raw gas to produce SNG; 





Overall Efficiency 


First Commercial 
Capacity Factor 
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anlage Jülich GmbH. The present planning of this project is 
Design capacity is given in terms of energy input and all 


based on a pebble bed HTR of 500 MW, power output (PNP 500). 


costs are expressed per unit of this capacity. 


Figure 4.4: Connecting Two Boreholes 
(Source: Ref. 4.8) 
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ater. 


for the Belgian-German 
consisted of drilling ver- 
a depth of 800 - 1500 m. 
two boreholes are linked by 

Figure 4.4): air is injec- 
ar) in borehole No. l, 
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borehole No. 2 the coal is 
f borehole No. l, opening a 
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by Retrocombustion 
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By far the most important fraction of the gas cost is for the 
drilling, which costs about 15000 Belgian Francs/m ($89 500/m). 
Therefore the boreholes should be kept as far apart from each 
other as possible. It is not yet clear whether distances 
between boreholes of 60 to 70 m, which are required to make the 


process economic, are achievable. 


An alternative concept has recently been proposed which is 
called the "mixed method". It involves first mining a horizon- 
tal gallery (or the use of an old mine shaft) some 50 m below 
the gasification area - so that the high pressures can be 
withstood - and from there to drill vertical boreholes upwards 
for the injection of the gasifying media (Figure 4.5), while 


the gas recovery borehole is still drilled from the surface. 


Section X Y 
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Figure 4.5: Layout c^ a Mixed-Method Working 
(Source: Ref. 4.8) 





This method, which is described in reference 4.8, looks 


economically more attractive because it reduces the drilling 


costs considerably. 


Moreover the cost estimates are more con- 


fident since the preparatory mining work is carried out using 


conventional means and since the number and cost of boreholes 


is of lesser importance in the total cost. 


As far as the gasification media are concerned the best pro- 


spects seem to be offered by the use of both: 


and CO 


. ed 





the gasiflcation front, and 


Introduced at ambient temperature behind 


— water, needed to cool down the gas produced, injected 





in carefully controlled quantities ahead of the gasi- 


fication front. 


As shown in Table 4.5, both the CO and the steam participate 


in the gasification reactions, while the oxygen is used to 


provide heat for the gasification reactions by burning part of 


the coal. 


TABLE 4.5 - Gasification Reactions with Steam and Carbon Dioxide 








Gasification 
agent 


Steam 


Carbon dioxide 





1. 


Gasification 


Cooling at 
the foot of 
each borehole 


. Shift 


reaction 


. Gas 


scrubbing 


H0 C = CO+H 


2 steam’ 2 


CO+H +2H,0 = CO+H *eH50 


2 2 steam 


liq 


CO+H *eH^O. team = CO 0 2H 


2 athe steam 2 


CO,+H,0 eH, = 2Ho+( CO, 4H 


Y 


0) 


steam” 2 


CO5*C = 2C0 


2 


2C0+2H,0 = 2C0+2H.0 


2 liq 2 steam 


2C0+2H,0 = 2C0 


à steam a+ ch, 


2C0,+2H, = 2H,+(2C0, ) 
Y 





(Source: Ref. 


4.8) 


Gasification could take place under a pressure of about 30 
bar and at an equilibrium temperature of about 1000 °C. The 
use of 50 % CO, and 50 $ O 


2 2 
ing to approximately the following qas composition (Ref. 4.9): 


would lead, after shift and scrubb- 


2 % 


The cost estimate provided in the characterization is still 
rough and should be considered as an order of magnitude. It 
was taken from reference 4.8. As for conventional mining it is 
rather tricky to isolate investment costs and to identify as- 
sociated lifetimes. Therefore all costs were expressed as 
variable costs in this assessment and were included under 
"Variable O&M Costs". The exchange rate used is l Belgian 


Franc = ?80 29.2 or 1 Pound Sterling - *80 2.74. 


The preparatory mining costs are based on those of the Belgian 
Campine basin, which are among the highest in Europe. They are 
conservative since in reality smaller diameters would be needed 
for the shafts and since more coal could be recovered (coal in 


seams that are too thin for conventional mining). 


Status of R&D 





The development programme for the Belgian-German gasification 


experiment at Thulin (Belgium) is given in Table 4.6. 


Four boreholes were drilled at a depth of 80 m and permeability 
measurements began in January 1981. First linking experiments 
with retocombustion should start in September 1981 and first 


gasification is scheduled for early 1982. 


Current spending for the project amounts to about 5 million *80 


per year. 
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TABLE 4.6 - Schedule for the Thulin Trials 





Erection of surface installations 


Hae 1 Drilling four boreholes to a depth of 880 metres 


three years 
1979 - 1982 


Linking-up boreholes 35 metres apart 
Gasification : small faces; air/steam 
Drilling three new boreholes to a depth of 


Phase 2 880 metres 
two years Linking-up boreholes 35 metres apart 








1392 = 1993 Gasification : longwall; oxygen/steam 

Phase 3 Deepening six boreholes to a depth of 980 metres 
two years Linking-up the boreholes 
1984 - 1985 Gasification of a second seam : lonawali 


(Source: Ref. 4.9) 


The Belgian characterization, summarized below in Table 4.7, is 
for in situ gasification of coal at - 1000 m depth using the 
"mixed" method, for the production of a synthesis gas with a 
NCV of about 12 MJ/m?. 


TABLE 4.7 - In Situ Gasification of Coal 





- Characterization Summary 
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Assessor 





Altdorfer, F., Services Programmation de la Politique 
Scientifique, Rue de la Science 8, 
B-1040 Brussels, Belgium 


Notes: 





(1) Design capacity value if for qas output 


(2) Total capital cost and fixed O&M cost are included under 


the variable O&M cost heading. Breakdown is 


$/GJ 
preparatory mining 2.21 


bore holes and piping 1.11 


preparation of gasifying 1.43 


media and qas treatment 


4.75 


4.7 Methanol from Coal and Biomass 





Currently, methanol is produced mainly from natural gas, but 
sometimes from LPG or naphtha, and fulfils the demand for 
methanol as a chemical rather than as a fuel. If methanol is 


to be produced in larqe quantities as a fuel, coal and possibly 
biomass can be expected to gain increasing importance as feed- 


Stocks. 


Methanol could be used as a sulphur free boiler or gas turbine 
fuel or used to augment transport fuels in a number of ways 


(Ref. 4.11), namely: 


o as an extender for gasoline (the 15 % methanol blend is 
called M15) 


by conversion to gasoline in the Mobil MTG process (see 


Section 4.8) 

by conversion to other gasoline extenders such as methyl 
tertiary butyl ether (MTBE) 

by using straight methanol in specifically designed engines. 


Nearly all methanol is made from synthesis gas (hydrogen and 
carbon monoxide) using one of the three processes currently 
marketed: the ICI low pressure process, the Lurgi process and 
the Vulcan-Cincinnati process. Processes used are thoroughly 
established and closely integrated in production units. 

Overall thermal efficiency of today's processes is of the order 
of 65 $ and little potential for further improvement in effi- 


ciency is seen. 


Coal gasification processes likely to be used for the manufac- 
ture of methanol will essentially deliver a raw synthesis gas 
(see section 4.2). Acid gas removal sulphur recovery and gas 
cooling stages are required for gas cleanup/cooling before 
passing through to the methanol synthesis loop. A water-gas 
shift conversion may be required to increase the hydrogen 
content of the raw gas. For example, in the ICI process which 
employs copper catalysts to convert CO and H. to methanol a 
H,:CO ratio of 2.0 is desirable (Ref. 4.12). Other sources 
(Ref. 4.13) indicate a higher ratio of 2.6. 


Technical options available (Ref. 4.13) are to produce only 
methanol as the major output or to co-produce methanol and SNG. 
In the first option all the methane produced in the gasifiers 
is reformed to additional synthesis gas which is converted to 
methanol. In the co-production option unconverted synthesis 
gas from the methanol synthesis reactor is methanated and 
together with primary methane from the gasifier, is marketed as 


SNG. 


The earliest method of manufacture of methanol was by the de- 
structive distillation of hardwood - and indeed methanol was 
originally called 'wood alcohol'. It would be feasible to 
resurrect and to improve old processes to convert wood, wood 
waste, wheat, or straw to synthesis gas and thence to methanol. 


It has been argued that such processes would be more economical- 


ly and thermally efficient than conversion by biological pro- 


cesses to ethanol (Ref. 4.14). 


4.7.1 Methanol from Coal and Biomass - Characterization Summary 





Four characterizations were submitted for methanol producing 
processes and these are summarized in Table 4.8. Two were for 
processes using coal as feedstock (U.S.A. and Germany) and two 


were for processes using peat and/or biomass (Sweden and U.K.). 


TABLE 4.8 - Methanol from Coal or Biomass 
- Characterization Summary 








Overall Efficiency 


First Commercial 
(Average Load) 


Capacity 
Service Year 
Maximum Annual 
Energy Output 
Capacity 
Factor 
Maximum Annual 
Availability 
Capital Cost 
O&M Cost 
Variable 


O&M Cost 


Economic Lifetime 


Assessors 





U.S.A.:-  Bhagat, N., Brookhaven National Laboratory, 





Upton, NY 11973. 


Germany:- Eickhoff, H.G., KFA/STE, Postfach 1913, 5170 Jülich. 





Sweden:- Brandberg, A., Swedish Methanol Dev. Co., Stockholm. 








Unit 


"Ü 
C4 
"M 
p 

Ú 
C4 
ge 
ge 
ge 


$/GJ/a | $/GJ/a 


< 





Ús... 
Methanol from Coal 


Co 
Un 
O 
O 
O 
O 
U 
y 


32.95 1.09 


C2 
O 





Germany 
Methanol and SNG 
from Hard Coal 





Sweden 
Methanol from Peat 
and Biomass 


U.K.:- Ward, A.V., ETSU, Harwell. 


Notes 





(1) All energy quantities based on NCV of fuels. 


(2) Methanol from Coal - U.S.A. 





Coal is gasified to produce synthesis gas which is converted 
with the aid of catalysts to yield methanol. Example: Fischer- 


Tropsch process. 
The assessor provided confidence limits on some items in Table 


4.8 as follows: 


Unit | Median 10 $ Probability of Being- 





Value Less Than Greater Than 








U.K. 
Methanol from Wood 






































First Commercial 1991 1990 1995 
Service Year 
Overall Effi- 52 62 
ciency (average 
load) 

Total Capital 
Cost 

Fixed O&M Cost 
Variable O&M 
Cost 
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) Methanol and SNG from Hard Coal - Germany 





Energy outputs at full load are 17.9 PJ/yr methanol 
and 9.9 PJ/yr SNG. Total capital cost is $14.5/GJ/a 
based on both outputs or $22.5/GJ/a based on methanol 


output alone. These values seem unusually low. 


Fixed O&M cost is broken down as follows:- 





S/GJ/a 
Repairs (3 %/a) 0.435 
Insurance (0.5 $/a), taxes (2.6 %/a) 0.450 
Labour 0.141 

1.026 


Variable O&M costs are for catalysts and water. 


Methanol from Peat and Biomass - Sweden 





The plant description is as follows: 


Peat, wood and similar biomasses are dried and gasi- 
fied with oxygen and steam vapour under moderate 
pressure (10 bar). The hot raw gases are cooled for 
heat recovery and purified from dust, saturated with 
Steam and shifted over a catalyst in several parallel 
trains. Combined shifted gases are compressed, puri- 
fied from sulphur compounds and excess Co^, synthe- 
sized over a catalyst to methanol which is purified 
by distillation in a single train. A size of 

1500 tonnes/day of methanol output was chosen for 


economy of scale. 


Fixed O&M costs which seem high compared with other 


characterizations are broken down as follows:- 


$ x 10° 
Labour 6 
Maintenance material 8 
Overheads 5 
Insurance, property taxes 8. 


27 for design capacity 


of 10.9 PJ/yr output 
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Variable O&M Costs are for chemicals, catalysts, and 


utilities with the exception of electricity which is 


generated in the plant. 


(5) Methanol from Wood - U.K. 





In this process the feedstock is heated in a controlled 
atmosphere of steam which allows more efficient conversion 
to synthesis gas than in the alternative processes of pyro- 
lysis (destructive distillation at or near atmospheric 
pressure in the absence of air or oxygen) or oxygen gasifi- 
cation. 

Methanol is then produced by catalytic conversion of the 
synthesis gas. 

The plant produces 500 tonne/day of methanol and requires 
about 900 dry tonnes/day of coppiced timber (assuming 

21 GJ/dry tonne). If sufficient land surrounding this 
methanol plant was totally afforested, this would represent 
approximately 50,000 hectares (circle diameter 15 miles). 
The same area of land could alternatively produce enough 
wood to make about 300 tonnes of SNG per day (assuming 
yields of 7 dry tonnes/ha/a. 

Operating and maintenance costs were taken to be about 

5 $ of capital costs and assigned equally between variable 


end fixed costs. 


4.8 Gasoline from Coal Derived Methanol 





Methanol (and other alcohols) can be converted to high quality 
aromatic-type gasoline by a zeolite catalytic process recently 
developed by Mobil (Ref. 4.16). The Mobil MTG (Methanol-to- 
Gasoline) process has a thermal efficiency of about 90 $ but 
the efficiency of this route to gasoline is penalised by the 
lower efficiencies of the combined gasification-methanol syn- 
thesis stages that precede it (section 4.7). Two characteriza- 
tions were received describing this process. These are summari- 
zed in Table 4.9. 






















(2) U.S.A. 


.9 — Gasoline from Coal Derived Methanol (3) KFA Operating Aqent from IEA/EAS Sources (Ref. 4.13) 


+> 



















- Characterization Summary 















The assessor provided confidence limits on some items in 
Table 4.9 as follows: 


The plant description is as follows:- 


Dry-ash Lurgi gasification of Illinois No. 6 bitumi- 









































































































































































i > + 
b: i3 E | c ° | E 9 nous coal. All of the methane produced in the 
; |o ' F b | : E " PE ^ š s = Item Unit Median 10 $ Probability of Being- Mark IV gasifiers is reformed (autothermal, cata- 
à EE £ 5 E- gal "É | = : z | 4 Value Less Than Greater Than lytic) to additional synthesis gas which is converted 
|o 9 B. D TE : 3 | 3 2 : a to methanol in a low pressure reactor. Methanol is 
a ; : : : 23| a : E E : | ° | — Commer- " 1992 1990 1996 converted to gasoline and other products over a fixed 
| LEFEL EE = < | ES 9 n JS |3 | cial Year | bed of zeolite catalyst. Naphtha and tars/oil from 
| | 7 * | $ |s/ca/a |s/c3/a |s/GJ]| ; Overall Effi- š 22 47 27 gasifiers upgraded to lighter products, some of which 
ue ne I — SSS —— clency (average are blended with the gasoline product. 
"ET Jl 90 | 37 0.48 | load) 
I MA —+—— | J—1—— Total Capital $/GJ/a 37.0 32.31 | 46.24 Full load (100 % availability) input is 327 PJ/a 
I | "* "5", m ME | | — of coal with a NCV on an "as received" basis of 
"M Fixed O&M Cost $/GJ/a 1.28 1.0 1.6 25.87 GJ/tonne. Full load outputs are:- 
Variable O&M $/GJ 0.48 0,35 0.60 




















PJ/a 












Gasoline 112.7 
Diesel Oil 8.4 
Butane (LPG) 9.4 
( LPG) 6.0 
136.6 

























At full load the process produces 76.5 PJ/a of gasoline and 
8.5 PJ/a of LPG. 





Brookhaven National Laboratory, 










do 4 9 Ff e 





Propane 


















ier, K., KFA/STE Jülich, Postbox 1913, 










The efficiency of the process is sensitive to coal 





type. For example, Reference 4.13 gives the effi- 





ciency (GCV basis) as 43.5 % for Illinois No. 6 






bituminous coal feedstock and 50 $ for Australian 






Wandoan sub-bituminous coal feedstock. 








Construction cost breakdown is:- 


$/GJ/a 






Synthesis gas production 8.2 






Methanol synthesis 2.6 






MTG conversion 






Offsites and utilities 






Contingency (15 $) n 





Fixed O&M cost breakd« 


Operating labour 
Maintenance labour 


Insurance, local taxe: 


Variable O&M cost bre: 


Water 
Catalysts and chemica: 


Maintenance materials 


4.9 Indirect Liquefaction of Co: 





In this route, which is to be d: 
faction (section 4.10), coal is 
hydrogen and carbon monoxide mi» 
gases are then re-combined with 
liquid fuels. At present, only 
are practicable. These are met! 
and Fischer-Tropsch synthesis wl 


as follows. 


The principal Fischer-Tropsch re 


m(CO + 2H.) —» (- CH + m! 


2 7)m 
The products are primarily stra. 
methane to waxes and include pa: 
alcohols. The product stream fi 
mixture of such hydrocarbons ar. 
semi-refined crude. The range í 


temperature, catalyst, and synt] 



















































>ywn is:- 


6 
$80 x 10 
29.9 
56.0 
84.0 
169.9 


Va 





ikdown is:- 


6 


$ x 10 


80 


5.6 
LS 18.4 
47.6 


71.6 


11; Fischer-Tropsch 


— 





istinguished from direct lique- 
first qasified to produce a 
(ture (synthesis gas). These 
the aid of catalysts to produce 
two re-combination processes 
anol synthesis (section 4.7) 


1ich is described in Ref. 4.17 


>action is 


ight chain hydrocarbons from 
raffins, olefins, aromatics and 
rom a Fischer-Tropsch plant is a 
1 can be regarded as a sweet 

of products depends on reaction 


nesis gas composition. 


There are two schemes under which the Fischer-Tropsch synthesis | product range can be changed. The Synthol system, for instance, 4.9.1 Fischer-Tropsch Liquefaction of Coal 





is being operated industrially: could be operated to produce more methane and LPG if the market - Characterization Summary 





(a) In a tubular reactor, filled with a precipitated catalyst conditions so dictated. hi 
and cooled with boiling water, under quasi-isothermal condi- | Two characterizations were submitted describing the 


tions. This is the Ruhrchemie-LURGI system (commonly called The SASOL plant is a major demonstration of the Lurgi Dry Ash | Fischer-Tropsch process. One (Australia) was for a producing 





ARGE) Pressure Gasification process. In addition, it represented the HE only liquids and one (Germany) was for co-production of SNG and 
first c^algas application for the Lurgi Rectisol process for | liquids. The characterizations are summarized in Table 4.10. 
(b) In a loop-type reactor, where a dust cloud of fused cata- 
sulphur and CO, removal. 
lyst is circulated, under adiabatic conditions and with 
interstage cooling. This is the Synthol system originally 


developed in the U.S. and then further developed by SASOL. 


TABLE 4.10 - Fischer-Tropsch Liquefaction of Coal 
A new plant, SASOL II is in start-up and SASOL III is in con- | Characterization Summary 
struction.  SASOL II has five times the capacity of the origi- 
nal Sasolburg facility. The gasifiers used are the largest 
commercial units built: the Mark IV. The first three Mark IV 








The products from scheme (a) are essentially straight chained 


hydrocarbons, with the mean j ] i ; TU 
y , molecular weight being somewhat gasifiers were used in the latest expansion of the existing 


higher than products from scheme (b), i.e. with a shift to 
SASOL plant. 


higher boiling fractions and waxes. The yield of oxygen con- 


taining compounds is rather small. ! ' 
' i Since LPG and gasoline are the major desired products, only the 


First Commercial 


Service Year 
Overall Efficiency 


(Average Load) 
Economic Lifetime 


Design Capacity 
Maximum Annual 
Energy Output 
Capacity Factor 
Maximum Annual 
Availability 
Total Capital 
Fixed O&M Cost 
Variable O&M 


Country 


Synthol Fischer-Tropsch system will be used for SASOL II. The 





In contrast, scheme (b roduces compounds with a lower a 
à ' I N "T d " — plant will use seven scaled-up Synthol reactors to produce a "m PJ/a 
molecular weight, more oxygen containin roducts and the i š 
ant, Y9 3 P | quantity of liquid products variously reported (Ref. 4.13) as | . 


being between 35,000 to 60,000 barrels per day. Australia | 133 | 1988 
greater as well. (liquid products only) 


s 
oe 
ge 
9e 


$/GJ/a| $/GJ/a 


x 





fraction of iso-paraffins in the higher boiling range is 


N 
un 





| The new SASOL II complex also includes Lurgi's Authothermal —X 00 M m 
Since 1955, both synthesis methods have been successfully opera- I (SNG and liquid products) : 
methane reforming process, an ethylene plant, a Lurgi tar pn 
ted by SASOL at their Sasolburg, South Africa, facilities. "TEM ! 
distillation plant, a combined Lurgi phenols and ammonia 









































recovery plant, and a products refinery including light olefin 
The scale-up of the Synthol process from the U.S. pilot plant . I à; I ; à; : : 
h lal SASOL plant initiall d diff it polymerization and hydrogenation, isomerization, and a Distil- 
to the commercia ant initia cause ifficulties. f l "Pan 
h r " late Selective Cracking unit.  SASOL II has 36 gasifiers and is 
The ARGE system performed from the start in accordance with th i ; : 
; , i — "TM was probably the largest project ever undertaken in the chemical, 
design expectations. However, SASOL have managed to debuq the 


Synthol system. 





petrochemical or refinery class of projects. | D Assessors 


Technical options available are to use methane reforming and * n Australia:- Department of National Development and Energy, 
T A . . . . Ë ^ . 
ne ARGE system produces primarily kerosene, diesel fuel, and produce only liquid products or to co-produce liquid products 1 : CAGA Centre, Akuna St., Canberra City, ACT, 260 
and SNG. The thermal efficiency of the latter option is signi- Germany:- Eickhoff, H.G., KFA/STE, Postfach 1913, 


ficantly higher than the former. : D-5170 Jülich, FRG 


waxes. The Synthol system produces primarily LPG and gasoline. 
The differences are due to the gas composition, operating tem- 
perature, pressure, and catalyst type and are not due to the 
type of reactor design (tubular versus entrained suspension 
reactor). However, each reactor type is most suitable for the 


conditions selected. By varying the operating conditions, the 


Notes: 





(1) A11 energy quantities based on NCV of fue1s. 


(2) Australia (Refs. 4.11, 4.18) 





Process described simply as "SASOL fixed bed operation". 


Energy input at full load is 350 PJ/a bituminous coal. 


Energy outputs are 


PJ/a 
Gasoline 40 
Diesel oil 27 
Heavy oil 70 

137 


Variable O&M costs included under fixed O&M cost. 


The assessor provided confidence limits on some items in Table 


4.10 as follows: 


























Ttem Unit Median 10 % Probability of Being- 
Value Less Than Greater Than 

First Commer- - 1988 1987 1990 

cial Year 

Total Capital $/GJ/a 37.5 33 42 

Cost 

Total O&M Cost $/GJ/a 2.6 lel 5.1 

(3) Germany 

Energy input at full load is 320 PJ/a hard coal. Energy 


outputs at full load are 


PJ/a 
SNG 93.2 
LPG 7.9 
Naphtha 45.0 
Diesel oil 24.2 
Fuel oil 5.7 





176.0 


Hiqh value for efficiency results from co-production of SNG 4.10.1 Direct Hydrogenation: H-Coa1À Process | 
Exxon has been developing the Exxon donor solvent process since 











and liquid products. Fixed O&M cost breakdown is 
1966, firstly in a 1/2 t/d process demonstration unit (PDU), 


then in a 1 t/d POU, and more recently in a 250 t/d pilot 
plant. 


Reference 4.19 describes this technology as follows. The 





Hydrogen 
Repairs (3 $) j Hydrogen Production | vv Pi | 
| ' produce significant quantities of SNG and LPG. Briefly, coal 


Insurance (0.5 $), taxes (2.6 9) | | ! | | 
l | x | | I metea — ; is cleaned, dried, pulverized and slurried with process-derived i 
Slurry Catalytic Distillation | | d The 250 t/d pilot plant at Baytown, Texas, has recently com- 
n 
H 


H-Coal® process is primarily a liquefaction system but does 

















Labour 
Preparation Hydrogenatio "Text — : oii in the preparation section. It is then pumped to reactor i 
menced operation. Total cost is estimated at US $240 million, 














pressure, mixed with hydrogen, heated, and charged to the i ; ' 
1ncluding ë three-year operation period which will initially 








T Coal-derived Liquid ; ' 
ui " reactor. There, the coal, recycle oil and hydrogen react in 


Variable O&M costs are for catalysts and water. I 
kaki ; < | the presence of a catalyst at pressures up to 3,500 psig and 
Variation between capital costs for the USA and Cerman 


test Eastern US coal, followed by Western US sub-bituminous 











| | coal and possibly lignite. The plant will d 
temperatures to 850 °F. Depending on the severity selected, P y = P ill produce 600 bbl/d 


characterizations cannot be simply explained in terms of 7 rng | 
the product slate can be an all distillate material. After 


à; è Hydrogen 
difference between methane reforming and co-production Didka "iem: Cae | we | f 
] ihuk. —— aae leaving the reactor, the liquid effluent is treated to provide 


oil equivalent. 

















The process essentially consists of coal drying, grinding and 


configurations. 
LPG è a low-solids recycle oil which is used to slurry the coal. The 











| | ' E | | Wika: slurrying with hydrogenated recycle solvent (or donor 
Vaani iváretrest ias pistitiation H Naphtha — balance of the liquid is fractionated into distillate products | 81 WP Ri d , ti x h ( -—— 
n — EM | « | | urry heating and reaction wit drogen in a non-catalyti 
| | | elol y x and ash-containing residuum. The heavy ends can be further kun ad " sited — ane 
ur up ubular reactor ^t -470 °C and 10-14 MPa, distillati 
Recycled | treated to recover additional ash-free hydrocarbons or used as 4 — wen 


Catalytic oie no NG reactor product, and coking of vacuum distillation bottoms. 
n 











4.10 Direct Liquefaction of Coal 


























In this route, crushed coal is slurried or dissolved in a N | 








i i i ! . | Solvent feed to a hydrogen plant. 
process-derived oil and reacted directly with hydroqen at high Hydrogenatio 








temperature and pressure. The three leading direct coal lique- | The product slate consists of a range of li - 
4 The concept involves a catalyst bed that is kept in an expanded " nge of light and heavy hydro 


faction processes are: l mI 
or ebullated state by charging the feed and additional recycle 

















carbons, including LPG, Naphtha and fuel oil. 





(i) Direct hydrogenation: Coal slurried in a process-derived yérogen : oil to the bottom of the reactor. The products, including 
oil is reacted with hydrogen. A typical process is the H-Coal Hydrogen | Production | Gas unreacted coal and ash, flow through the catalyst and are 
project of Hydrocarbon Research Inc. in the U.S.A. removed from the reactor at a point above the catalyst bed. 


E : f I | l | | | | | ' than coal, are catalytically hydrogenated, thus avoiding 
(ii) Donor solvent extraction: Coal is dissolved in a catalyti- : Dissolutiom Hydrogenation Distillation | An external separator removes gaseous products and recycle | "NU 
catalyst contact with coal; solids-liquids separation is by 


hydrogen from the liquid. 





Critical processing steps are adaptations of petroleum refining 





technology and are therefore simple; e.g. coal liquids, rather 









































cally hydrogenated process-derived oil and then treated by vacuum,distillation rather than the problematic mechanical 








further hydrogenation. A typical process is the EXXON Donor Ne t Recvcled Solvent | — qas | | " 
| ; ' | ; rogenated rec | 
At the present time, a U.S.A. consortium of industry and ' pev ycie solvent allows a 


(iii) Solvent extraction process: Coal is dissolved in a government is funding an H-Coal® pilot plant constructed at 
' "n » i Catlettsburq, Kentucky which has operated since the beginning 


recycled process oil and then reacted with hydrogen without i | à i SU f 
; ! ; a of 1981 processing 250 t/d of coal to produce distillate oil 
catalysts. A typical process is Solvent Refined Coal (SRC-II). 


Solvent method. i w i i 
significant improvement in process operability and yields a 








higher range of distillation product. 








ames 


Methane produced during liquefaction can be solid as SNG or 


and 600 t/d for heavy boiler oil. 
reformed to produce hydrogen for the process. 


iit. erm s 


à; | i Fi 6: i i : : 
Each of these approaches are discussed in more detail in the igure 4.6: Alternative Methods for Direct Liquefaction of Coal | 
T 4.10.2 Donor Solvent Extraction: Exxon Donor Solvent 








| In order to compare the economics | indi i _ 
Source: DungLe, Australian Atomic Energy Commission, | (EDS) Process | | P | ics of EDS with indirect lique 
; ; | 2 faction processes which produce motor fuels it is necessary to 
Pi 4.6 private communication | e 
igure 4.6. x , | 
Reference 4.11 describes this method as follows. 


following three subsections. The essential configuration 





differences between the three different approaches are shown in 
include the cost of upgrading EDS coal liquids to light pro- 


ducts. A typical upgrading plant is described in Ref. 4.13 as 
including hydrotreating facilities for removal of nitrogen, 
sulphur and oxygen from the naphtha prior to reforming and 








hydrocracking for the gas oil fraction which produces a naphtha 
feed for the reforming operation. Both the hydrotreated 
naphtha and the hydrocrackate are then fed to the reformer to 
produce qasoline of about 93 RON. Part of the hydrogen for 
these steps is produced during reforming and the remainder is 
produced by the gasifiers in the EDS plant. Some SNG and LPG 
are produced during upgrading and are included as plant 
products after deducting the fuel requirements for the 


upgrading plant. 


4.10.3 Solvent Extraction Process: SRC-II (Refs. 4.2, 4.11, 4.20) 





Solvent refined coal is defined to be the organic material in 
coal that has undergone dissolution or suspension in a solvent 
(usually at T 375 °C). During the processing most organic 
material in the coal has been removed; also the solvent has 
been at least partially removed.  SRC-I product is a solid at 
room temperature, the softening point (T) depending on the 


degree of solvent removal. 


The Pittsburgh anc Midway Coal Mining Co., a subsidiary of Gulf 
Oil Corporation, has been studying the solvent refining process 
Since the early 1960s. Initial emphasis was on production of 
solid solvent refined coal (SRC-I) and the process was modified 
to incorporate liquid production in the mid 1970s. So far, 
development has been mainly carried out in a 45 t/d pilot plant 


at Tacoma, Washington. 


In the SRC-I process coal is ground, dried to 3 per cent 
moisture and slurried with solvent and hydrogen before intro- 
duction into the preheater. The mixtu-e is reacted in the 
dissolver at up to 425 °C and 2000 psi where over 90 per cent 
of the organic portion of the coal is dissolved or suspended. 
Chemical reactions occuring under such conditions include 

1) thermal and catalytic bond rupture (utilizing minerals in 
the coal), 2) hydrogenation of reactive fragments from 1), 

3) solvent dissociation, dehydrogenation and isomerization, and 
4) removal of oxygen and sulphur from the coal and inorganic 


materials associated with the coal. This latter step usually 






reduces the concentration of sulphur to 10 to 15 per cent of 
its original concentration in the coal. Since minerals are not 
soluble in the organic solvent they may be removed bv filtra- 
tion, centrifugation or other methods. The extract is flash 


distilled to separate solvent. 


The most difficult problems associated with SRC-I production 
concern the liquid-solids separation step. Because of these 
difficulties, development of SRC-II was pursued by Gulf. The 
basic idea behind this development was to produce a distillabie 
liquid product. This would eliminate the need for filters, 
centrifuges and other physical separation methods. The penalty 
for producing a distillate product is approximately a doubling 


of the hydrogen required in the process. 


A consortium, headed by Gulf Oil Corporation and including 
Ruhrkohle and Japanese industry and sponsored by the US, FRG 
and Japanese governments intended to construct a 6000 t/d 
SRC-II plant near Morgan town, Virginia. Estimated production 
of oil and gas was 20,000 bbl/d equivalent. However, in June 
1981 the three governments announced its abandonment for 


reasons other than technical feasibility. 





































































